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Free-Radical Polymerization of
Styrene: Kinetic Study in a Spinning
Disc Reactor (SDR)

Marija Vicevic**, Katarina Novakovic’ and Kamelia Boodhoo

School of Engineering, Newcastle University, Newcastle upon Tyne, United Kingdom

Free-radical polymerization of styrene conducted in a spinning disc reactor (SDR)
results in significant increases in conversion in one disc pass, equivalent to a few
seconds of residence time, with little change in the number average and weight average
molecular weights and polydispersity compared to a SDR feed pre-polymerized in a
batch reactor. Results of our experimental studies are presented in this paper and a
rationale, based on simulation studies, is offered to explain these observations. It is shown
that phenomena such as large increases in conversion that do not impact on molecular
weights and molecular weight distribution is a result of a simultaneous increase in both
the initiator decomposition rate and the propagation rate. The increases in these rate
constants, predicted by our modeling studies, provide the driving forces that characterize
a polymerization process in a SDR reactor, with the centrifugal force having different
degrees of influence on individual reaction steps. This is attributed to different molecular
sizes being involved in each of the polymerization reaction steps. The highest impact
is observed on the initiator decomposition rate constant, as this reaction step involves
a small molecule. Lesser impact is observed on the propagation rate constant, as this
reaction step involves interaction of one small molecule and one large reactive species,
whilst no or very small effect is seen in the case of the termination rate constant as large
reactive species are involved. Developed constant variance model was used to estimate
reaction parameters at different temperatures (i.e., initiator efficiency 7, rate constants kg,
ko, and k) from the acquired experimental data in order to estimate activation energy
(Eq) and pre-exponential factor (A) in a SDR. Data analysis at various SDR operating
temperatures suggested activation energy for the styrene polymerization in the SDR as
40.59 + 1.11 kd mol— .

Keywords: kinetics, styrene, poly(styrene), free-radical polymerization, spinning disc reactor, process
intensification

INTRODUCTION

Polymerization of styrene and many other commercial monomers such as acrylics and vinyls is
usually carried out on a commercial scale by free-radical polymerization technique (Odian, 1991;
Su, 2013). Increasing market competitiveness has led to a drive to develop innovative polymer
processes which would not only improve product quality and reduce manufacturing time, but
be more responsive to market needs, more energy efficient and operate under safe conditions.
Furthermore, there is also a tendency to move away from traditional batch processes to continuous
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processes capable of achieving higher heat and mass transfer
rates by orders of magnitude than the conventional batch
reactors (Reay et al.,, 2008; Boodhoo and Harvey, 2013a). These
reactors are able to provide appropriate mixing environment
for improving product quality, reducing reaction times and
enhancing selectivity (Boodhoo and Harvey, 2013b). It is
well-documented that a reactor’s mixing characteristics affect
conversion of monomer as well as molecular weight distribution
(Kolhapure et al, 2005), but thorough understanding of
underlying interaction between mixing and polymerization is
still the subject of numerous studies (Xu et al, 2017), both
experimental (Erdogan et al., 2002) and numerical (Ingles et al.,
2013; Xie et al., 2016).

One example of reactors suitable for polymerization reactions
is a thin film spinning disc reactor (SDR) developed and
extensively studied at Newcastle University over the years
(Jachuck and Ramshaw, 1994). Centrifugal forces, created by disc
rotation, produce thin (50-300 pm), highly sheared films which
exhibit significant enhancements in the heat and mass transfer
rates (Lim, 1980; Aoune and Ramshaw, 1999). Numerous surface
waves in the thin film provide an ideal environment for a high
degree of mixing, altogether making this type of reactor suitable
for performing fast, exothermic and mass transfer limited
reactions. This reactor has been shown to improve reaction rates
as well as selectivity when used as a catalytic reactor (Vicevic
et al., 2004, 2007) and significantly improve control and rates of
polymerization reactions (Boodhoo and Jachuck, 2000a; Vicevic
et al., 2006a,b). Properties of polymers heavily depend upon
molecular weight distributions and polydispersity index and so
it is very important to control these parameters (Whitfield et al.,
2019). Previous research has shown that significant reduction
in reaction times and improvement in product quality can be
achieved when styrene (Boodhoo et al., 2006), dicarboxylic acid
and diols (Boodhoo and Jachuck, 2000b), and acrylates (Vicevic
et al., 2006a) are polymerized using the SDR technology. In spite
of the extensive investigations into polymerizations in the SDR,
there is currently limited understanding of the actual kinetics of
the polymerization process. An earlier work attempted to provide
a speculative explanation for the increased polymerization rates
by considering the theory of centrifugal field effects on the
extension of the polymer chains and the resulting impact on each
of the polymerization steps (Boodhoo et al., 2002). In the present
investigation, we aim to provide more definitive understanding of
the polymerization kinetics through simulation studies validated
by experiments in the SDR.

MATERIALS AND METHODS

Batch Reactor Experimental Procedure
(Pre-polymerization)

In order to establish a conversion-time profile for pre-polymers
used as feed to the SDR, batch styrene polymerizations were
performed in a 250 cm® agitated vessel. Benzoyl peroxide (BPO)
(Merck, with 25% water) was used as an initiator and was re-
crystallized from ethanol prior to reaction. Styrene monomer
(99%) and toluene as a solvent (99%) were obtained from

Aldrich. Samples were taken and analyzed using Gel Permeation
Chromatography (GPC) to assess conversion and molecular
weight properties. GPC was calibrated using Poly(Styrene)
standards obtained from Polymer Laboratories. Conversion was
obtained using LC-GC software which was calibrated by samples
of known monomer/polymer concentrations. Viscosity and shear
rate data were experimentally obtained by a cone and plate Bohlin
Visco 88 BV Viscometer.

The batch reaction was carried out at chosen temperature (75-
90°C), using ranges of monomer [M] (50-83%w/w) and initiator
concentrations [I] (0.8-1.75%w/w), until the desired conversion
was achieved. The pre-polymer so formed was used immediately
as a feed for the SDR studies.

Spinning Disc Reactor Experimental

Procedure

Pre-polymerized feed containing monomer, polymer and
initiator, prepared in a batch reactor (as described above) until
desired initial conversion was reached, was transferred on the
center of a 300 mm diameter SDR (as schematically shown in
Figure 1) by means of a gear pump. The top surface of the disc
was made of brass and had grooves machined into it (Jachuck
and Ramshaw, 1994). The disc was equipped with heating and
cooling facilities. Once the feed is introduced to the center of the
disc, centrifugal forces created by disc rotation force the liquid
to flow over the disc surface in the form of very thin film. On
reaching the edge of the disc, the liquid is thrown off the surface
and hits the cold walls of the stationary housing before being
collected for analysis.

The experiments were designed in order to assess kinetic
parameters. The experimental variables were: the disc
temperature (75-90°C), disc rotational speed (500-1,500
rpm), feed flow rate (4-9 cm3s~!), and pre-polymer feed
conversion (10-54%). The conversion and molecular weight
properties (M,, M,, and polydispersity index, PDI) were
obtained by GPC.

RESULTS AND DISCUSSION

Starting from different pre-polymer conversions achieved in a
batch reactor, increases in conversion gained upon transfer to the
SDR are given in Figure 2. It is immediately noticeable that when
a higher conversion pre-polymer was used (i.e., 54%), single
SDR pass increased conversion much more than when a lower
conversion feed was utilized (i.e., 10%). Observed increases in
conversion in a SDR were in the range 2-11%, depending upon
the experimental conditions.

Figure 3 depicts these results in comparison to a batch process
carried out at the same temperature (90°C). Batch data points
are approximated by a smooth line as a guide for the eye and
do not represent actual data. Smoothed line is applied to other
Figures for the same reason (2-4, 6-8), however data points are
also offered.

Looking at the set of data obtained for a single rotational
speed and a single feed flow (e.g., 1,500 rpm, Figure4) it is
apparent that the gel effect observed in the later stages of
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FIGURE 1 | Schematic of the Spinning Disc Reactor (SDR).
12 s
m Feed conversion 10%
® Feed conversion 18%
0] & Feed conversion 29% X

Feed conversion 42%
X Feed conversion 54%

8 It

IConversion change (%)

4 S

X _m

’ S W

0 T

400 600 800 1000 1200 1400 1600
Disc Speed (rpm)

FIGURE 2 | Increase in monomer conversion as a function of feed pre-polymerisation conversion and disk rotational speed (change in conversion of styrene is a
measure for a single SDR pass at temperature of 90°C and feed flow rate of 6 cm® s~7).

the batch process, characterized by the S-shaped curve after
120 min of polymerization time, is largely suppressed in a SDR,
as already speculated by Boodhoo et al. (2002). Same Figure 4
demonstrates time savings of up to 50 min (depending on pre-
polymerized feed conversion) gained by a single pass on a SDR
and evaluates utilization of nine passes on a SDR, whereby

a time saving of 2 hours appears achievable. A multi-pass
SDR study conducted by Moghbeli et al. (2009) showed that
considerable increases in conversion were indeed observed, but
molecular weights and PDI slightly decreased, most probably due
to chain scission of the long polymer chains subjected to the high
shear forces.
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As previously mentioned, on the surface of the SDR thin,
highly sheared films are formed, which are associated with
high mixing intensities, high shear rates as well as plug
flow characteristics. Boodhoo et al. (2002) suspected that the
shear forces may initially lead to disentanglement of pre-
polymer chains, hence causing a reduction in the viscosity
of the polymer mix by shear thinning, more pronounced at
higher polymer concentrations and molecular weights. Growing
polymers are expected to experience a certain degree of
extension as the polymerizing film travels radially outward
on the spinning disc under the influence of the centrifugal

force whilst monomer molecules would find enhanced access
to the active, propagating polymer chains (Boodhoo et al,
2002). Lowering of viscosity by shear thinning, as demonstrated
in Figure5, supports this theory, further shedding light
on excellent mixing characteristics within the thin film
relevant to maintaining high initiator efficiency, even at high
mOonomer conversions.

The shear thinning theory put forward by Boodhoo et al.
(2002) seems even more plausible when the applied shear rate
effects on polymer viscosity are considered, as illustrated in
Figure 6 for batch reaction samples taken every 10 min.
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FIGURE 6 | Batch reaction profile and sample viscosities at shear rates of 114.2 and 301.6 s~ (initial conditions T = 90°C, 83% wt/wt monomer, 1.4% wt/wt BPO).

Looking at the influence of two specific shear rates (114.2
and 301.6 s~!) on material viscosity at certain reaction times,
as shown in Figure 6, it can be seen that at such shear rates,
viscosity of the material does not change significantly until
conversion reaches about 40% (at reaction time of ~80-100 min).
At that point viscosity of the reaction mixture starts to increase
dramatically and mixing plays very important role in the degree
of polymerization (as in any other mass transfer limited reaction).

The higher the shear rate, the material becomes easier to handle,
i.e,, the shear thinning effect is more evident. This clearly
demonstrates that increasing shear has a large influence on the
measured polymer viscosity, more so for more viscous samples.
In addition, shear rates in a stirred tank are typically very
non-uniform, whereby at the tip of the impeller very high shear
rates may be obtained whilst away from the impeller shear
rate may be very low. In the thin SDR film, in contrast, the
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shear rate will be more uniform due to the thin film being
formed (Vicevic et al., 2007) and this is the reason why the SDR
performance exceeds that of a batch reactor particularly when a
higher viscosity material is used due to a strong mixing action
within the polymer film.

Residence Time and Shear Rate in the SDR
Two important variables that govern progress of any reaction in
a SDR are disc residence time and shear rate. Residence time on
a smooth horizontal rotating disc surface can be estimated from
the centrifugal model using the following equation (Dobie et al.,

2013):

1
8172y \3
tres = (167(}2) (r04/3 — r,.4/3) (1)

The effect of residence time, as calculated by the above equation,
on experimentally measured styrene conversion in the SDR for
different pre-polymer feeds can be seen in Figure 7.

It can be noted that an increase in residence time does not
result in an increase in conversion, as would be expected in
kinetically controlled reactions. Rather, the opposite effect is
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evident from Figure 7 for the range of feed conversions studied
(10-54%) whereby higher conversion changes are achieved at
lower residence times. This suggests that the polymerization in
the SDR is not kinetically controlled and change in conversion
in the SDR is influenced by another parameter, other than the
residence time, namely shear rate which is discussed below.

Considering the SDR operating conditions which give rise to
lower residence time it can be seen that, at constant flow rate,
higher rotational speed of the disc is required whereby high
centrifugal forces are generated, causing very thin, highly sheared
and therefore highly mixed films to flow on the disc surface. Shear
rates within the film may be estimated according to the following
equation (Leneweit et al., 2000; Vicevic et al., 2007):

/
s = (G20 0-G) o

By plotting conversion change in one SDR pass as a function of
shear rate (Figure 8), it is evident that styrene polymerization
in the SDR is a shear rate dependent reaction, as would be
expected for a mass transfer limited reaction. The effect of
shear rate on the rate of styrene polymerization may be further
assessed by developing an empirical model using all the acquired
experimental data.

Empirical Model (Shear Rate Model)

Using the regression analysis tool in Microsoft Excel, overall
polymerization rate (Rpo) in the SDR can be presented in
terms of shear rate, reaction temperature, monomer and initiator
concentrations. Following model equation can be drawn within
the limited experimental conditions as stated previously in the
experimental procedures section:

Rpol — 4722 % 102 % )}0‘508 % TO‘068 % [M]I‘OOI % [1]0‘520 (3)

Regression Statistics

Multiple R 0.9921
R Square 0.9842
Adjusted R Square 0.9834
Standard Error 0.0929
Observations 83

Validation of the model equation was performed by
comparing the obtained experimental values of polymerization
rate (monomer uptake rate) and values obtained by Equation (3),
as shown in Figure 9, which demonstrates that empirical model
is in good agreement with experimental data. Statistical analysis
was conducted in Minitab.

From the empirically calculated values it can be seen
that styrene polymerization in the SDR follows first order
kinetics with respect to styrene concentration and 0.52 order
in respect to initiator concentration, as typically expected
for this reaction (Odian, 1991). Polymerization in the SDR
is not highly influenced by temperature and the reasons
for this will be elaborated in section Modeling Results.
The empirical equation confirms the already stated view
that the reaction is substantially dependent on the shear
rate used.

Modeling Results

Spinning Disc Reactor (SDR): Background

It has been reported that polymerization of styrene with
benzoyl peroxide (BPO) as an initiator and in the presence
of small quantities of toluene as a solvent in a spinning
disc reactor results in significant increase in conversion, while
number average (M,) and weight average molecular weight
(M,,) stay approximately unchanged (Boodhoo, 1999; Boodhoo
and Jachuck, 2000a). There has been interest in explaining
these results in terms of the underlying mechanistic behavior
(Boodhoo et al., 2002). It has been indicated that the overall
termination rate constant may be decreasing during the spinning
disc polymerization stage. Furthermore, an increase in the
polymerization rate in the SDR that does not impact on
the molecular weights or polydispersity is believed to be a
consequence of the gel effect being suppressed in the SDR
(Boodhoo et al.,, 2002) which is what we have observed as
well. Leveson et al. (2003) performed numerical investigations
into the kinetics of a free-radical polymerization in a SDR.
It was shown that if conventional systems operate with an
increased propagation rate constant or reduced termination rate
constant, significant increases in conversion could be achieved.
It was also suggested that increases in molecular weights are
controlled by chain transfer to initiator. However, we believe
that phenomenon of high conversion increase whilst maintaining
molecular weights/polydispersity is due to simultaneous increase
in both initiator decomposition rate and propagation rate. The
reasoning behind this view will be explained further in the
remaining sections.
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Proposed Model

Experimentally observed trends recorded in the SDR
polymerization of styrene with BPO as an initiator are
mathematically analyzed using previously reported methods
(Novakovic et al., 2004). For the majority of experimental data,
results of mathematical analysis indicate that in the studied
polymerization process in a SDR number of smaller polymer
chains is increasing. At the same time conversion is increasing
significantly, i.e., number of monomer molecules consumed
on the disc surface is high, much higher than the number of
monomer molecules consumed in the batch reactor under the
same conditions. There are two steps in the polymerization
process in which monomer molecules are consumed, namely the
initiation step (Equation 4) and propagation step (Equation 5):

R4+M 5% My Ri=k[R]M] (4)

M, +Mﬁ> M1 (5)
Monomers can also be consumed by transfer to
another monomer:

My + M2 My, = X) + Ly (6)

Therefore, the rate of monomer disappearance, which is
synonymous with the rate of polymerization, can be presented as:

d[M]
— —— =Ri+ Ry +Ryrm (7)
dt

The number of monomer molecules reacting in the initiation
step and the transfer to monomer step is by far smaller than
the number of molecules in the propagation step (Odian, 1991),
resulting in the monomer disappearance rate being defined by the
rate of propagation:

Ry =k, [M'] [M] (8)

As can be seen from Equation (8), the rate of propagation
can be increased by increasing propagation rate constant
kp, concentration of growing radicals [M’], or monomer
concentration [M]. By considering experimental data with the
same initial conditions applied to all experimental runs without
any external changes during the course of reaction (constant
monomer concentration), the effect of the former two variables,
that is, increases in the free-radical concentration (Case study 1,
section Case Study 1: Increase of Free Radicals Concentration)
and in the propagation rate constant (Case study 2, section Case
Study 2: Effect of Changes in Propagation Rate Constant) can
be analyzed.

In order to visualize the free-radical polymerization in the
SDR, a detailed polymerization model that will be used for
process simulation is proposed.

The rate of decomposition of initiator in batch model (Odian,
1991) is:

_ 4

g —Jkalll 9)

Another reaction where initiator can be consumed is transfer
to initiator:

Ryi = ktr,i [M] (1] (10)
So that the rate of initiator decomposition then becomes:
dlI] :
e = fka (Il + kepi [M'] [T] (11)

The rate of monomer disappearance is given as the sum of the
rates of propagation and transfer to monomer:

d[M
_L=Rp+Rtr,m

7 (12)

In addition, since the propagation rate constant for all the
polymerization steps are the same (Odian, 1991), the rate of
propagation is defined by Equation (8), whilst the rate of transfer
to monomer can be presented as:

Rtr,m = ktr,m [M] [M] (13)
Therefore, Equation (12) can be written as:
d[M
- % = kp [M'] [M] + ki [M'] [M] (14)

As reaction time in a SDR is very short (1-5s), steady state
assumption cannot be applied. Free radicals are produced in the
initiation step (by initiator decomposition) and consumed in the
termination step. Hence the concentration of the free radicals in
time can be followed as:

d[M]
dt

=2kq (1] = 2k [M]* (15)

If transfer to solvent is also considered, then the following is
applicable to the polymerization system:

SUL IR

i (16)

The kinetic chain length can then be calculated according to the
following equation:

R kp (M] [M]
Ri 2 fkg 1] + ktrym [IM'] [M] + ks [IM] [S] + ke i [M] [1]
(17)

_B

Thus, the rate of production of macromolecules can be
presented as:

T = Ry + th + Rtr,i + Rtr,m + Rtr,s

d[p
[P] (18)
t

It is not known which termination mechanism (coupling or

disproportion) is taking place in the SDR environment, but a

very interesting study by Mohammadi et al. (2014) suggests that

termination by coupling is a dominating termination mechanism
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in the SDR. Given that only one termination rate constant
was available from the literature, it is assumed that the main
mechanism of termination is by coupling (Odian, 1991). The
calculated termination rate constant is therefore assumed to be
equal to the termination rate constant by coupling:

% = k¢ [M']Z + keri [M'] 1]+ Ktpn [M'] [M] + ks [M'] [S]

(19)

where Rie = ki [M'1?5 Ryg = 2keg [M' ]
The extent (conversion) of the reaction is then calculated as:
_ [Mo] — [M]

X
[Mo]

(20)

Moments (first and second order) are presented in Equations
(21) and (22) below (Villermaux and Blavier, 1984a,b). In the case
of transfer to monomer, solvent and initiator:

(21)
(22)

Wim = pwis=pu1i=21=L1L
/ / / / 2
Wom = Was = Mo =Ap=2L

Overall rate of moment growth in the polymerization mixture
can then be presented as:

d(u1 [P])

Mclit = thﬂllc + Rtr,m,u/lm + Rtr,s,u/ls + Rtr,i//«/li(23)
d P
("#[D = ke [M 2L + kip [M'] IM] L

ki [M] ST L + ki [M] [T L (24)

It was shown (Villermaux and Blavier, 1984a,b) that following
approximation can be applied:

d (1 [P])

7 (25)

= ky [M'] IM]

With the overall rate of moment growth in the polymerization
mixture being given by:

d P
(M#[]) = Ric/t'2¢ + Rirnit 2m + Rirstt' 25 + Ririft2i(26)
@ = ky [M]Z (6L2) + ktrm [M] (M] (2L2)

ks [M ]S (2L%) + ke [M'] (1] (2L7) (27)

The number average molecular weight is calculated as:

n1P
M, = MmonomerT = Mmonomer,“«] (28)
and the weight average molecular weight as:
2P M2
My = Mmonomer —— = Mmonomer — (29)
1P M1
Polydispersity is then calculated as:
M
PDI = —* (30)
M

n

For a comparison, we used rate constants estimated for a batch
process (Vicevic et al., 2006b) (used here as a feed to SDR). In
a batch process modeling study the expressions for the kinetic
rate constants and the value for initiator efficiency, f, that are
appropriate for styrene polymerization with BPO as an initiator
have been taken from literature (Biesenberger and Sebastian,
1983; Berger and Meyerhoff, 1989; Buback, 1995; Moad and
Solomon, 1995).

The values for kg, kp, and k; were calculated according to the
temperature that were to be used in the batch reactor. In the
modeling of the SDR these values were taken as the initial values,
as the SDR temperature was kept the same as in the batch reactor.
For the case analysis in the next section, the temperature is set at
90°C, and initial rate constants are taken as (Novakovic, 2004):

ks = (1.0240.03) x 1074571,
ky = (8.95 £ 0.18) x 10> dm’mol~'s™" and
ke = 1.23 x 108 dm®mol1s™ L.

It appears that the centrifugal force produced on the rotating
disc surface causes an increase in rate constants. Following that
hypothesis, it seems rational to expect higher impact on reactions
involving smaller molecules, i.e., highest increase might be
expected on initiator decomposition rate constant as this reaction
involves small molecules (BPO molecules), significant but smaller
increases might be expected in propagation rate constant as this
reaction involves one small molecule (monomer, styrene) and
one big molecule (growing chain species) and very small or no
impact at all might be expected to be seen in the termination rate
constant as termination involves reacting two large molecules
(growing chain species). This rationale will be explored in detail
in further sections (Case Study 1: Increase of Free Radicals
Concentration to Case Study 4: Effect of Simultaneous Increase
in Propagation Rate Constant and Initiator Decomposition Rate
Constant in the Presence of Initiator Efficiency Increase) by
using the proposed model in gPROMS and examining how the
changes in kinetic parameters would influence polymerization
reaction. The model was used to estimate rate constants for
all the polymerization steps using previously presented data.
Selected results are shown in this article. Using the available
data for different reactor temperatures, obtained rate constants
results were used to calculate activation energy for each step of
the reaction.

Case Study 1: Increase of Free Radicals Concentration

To obtain higher concentration of the free radicals in the system,
the rate of initiator decomposition has to be increased. The rate
of production of the free radicals via initiator decomposition can
be presented as:

k
1-$2R (31)

Or in terms of rate expression:
Raq = 2fkq [1] (32)

From Equation (32) can be seen that increase in initiator
decomposition rate occurs if either of these parameters is
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TABLE 1 | Simulation results for the residence time of 5 s (influence of increase
in Kq).

Increase in kg M, (g mol~') M,, (g mol~") Polydispersity Conversion (%)

kg x 1 15,884 24,296 1.63 0.36
kg x 2 15,819 23,879 1.51 0.39
kg x5 15,405 23,131 1.50 0.46
kg x 10 14,675 22,347 1.58 0.54
kg x 20 13,041 21,331 1.64 0.65
kg x 50 9909.5 19,677 1.98 0.87
kg x 100 7236.3 17,943 2.48 1.1
kg x 200 4926.3 16,099 3.27 1.44

TABLE 2 | Simulation results for the residence time of 5 s (influence of increase
in kp).

Increase in k, M, (g mol~') M, (g mol~') Polydispersity Conversion (%)

kp x 1 15,884 24,296 1.63 0.36
kp x 2 16,522 28,802 1.74 0.44
kp x5 18,435 59,888 3.25 0.70
kp x 10 21,612 154,365 7.14 1.12
kp x 20 27,926 436,079 16.62 1.96
kp x 50 46,549 156,000 33.42 4.45
kp x 100 76,556 362,000 47.27 8.44

increased: initiator efficiency f, decomposition rate constant
kg (section case study la: Effect of changes in initiator
decomposition rate constant below), or initiator concentration
[I]. Again, by keeping the initiator concentration constant, the
possibilities for increases in decomposition rate of initiator are
limited to increasing initiator efficiency or/and decomposition
rate constant. Increase in initiator efficiency f is limited by
maximum value of one, which refers to having all radicals
that are formed in decomposition step available for starting
polymer chains.

Case Study 1a: Effect of Changes in Initiator Decomposition
Rate Constant

Initiator decomposition rate constant is believed to be changing,
more specifically increasing, in the free-radical polymerization
process in the SDR. Effect of increase in decomposition rate
constant value was simulated using the proposed model and run
in gPROMS simulation. Numerical results of the simulation for
the residence time 5s are presented in Table 1. It can be seen
that increase in initiator decomposition rate constant results in
the decrease in molecular weights but increase in polydispersity
and conversion.

Case Study 2: Effect of Changes in Propagation Rate Constant
Propagation rate constant is believed to be increased in the free-
radical polymerization process in the SDR. Effect of changes in
propagation rate value was simulated in the proposed model and
run in gPROMS. Numerical results of the simulation for the
residence time 5 s, which is approximately time of one run on the
SDR, are presented in Table 2.

From Table2 it can be seen that the large increase in
conversion is gained by increasing propagation rate constant
by over fifty times. It can also be observed that, as a
consequence, molecular weights are also greatly increased and
their distribution is significantly broadened.

Case Study 3: Effect of Simultaneous Changes in Propagation
Rate Constant and Initiator Decomposition Rate Constant At
Constant Initiator Efficiency

Simultaneous changes in the propagation rate constant and
the initiator decomposition rate constant will be made in this
analysis. Overall increase in conversion of 10% in 5 s for the case
of free-radical polymerization of styrene with benzoyl peroxide
as initiator and in the presence of toluene as a solvent, at 90°C
will be taken as the reference point.

Polymerization processes, in the batch reactor and in the
SDR, starting from the time zero are compared. Rate constants
in the case of polymerization in the SDR are fitted to obey
trends observed in experimental data. The criteria to be
tulfilled include:

1. Number average molecular weight of the SDR product to
be similar with number average molecular weight of the
simulated polymerization process in a batch;

2. Weight average molecular weight of the SDR product to be
similar with weight average molecular weight of the simulated
polymerization process in a batch;

3. Increase in conversion on SDR to be 10% in 5.

To satisfy the listed conditions, initiator decomposition

rate  constant should be increased 225.5 times
(ka=(2.30 £0.07) x 1072s71) whilst propagation
rate constant should be increased 8.5 times

(kp = (7.88 £0.15) x 10° dm3mol’1s’1). Using the available
data, actual values for number and weight average molecular
weight of SDR feed and product were used to fit the
corresponding rate constants. Experimentally determined
number average molecular weights of the SDR feed and product
were mainly between 18,000 and 20,000 g mol~!, while weight
average molecular weights were mainly between 28,000 and
31,000 g mol L.

Case Study 4: Effect of Simultaneous Increase in Propagation
Rate Constant and Initiator Decomposition Rate Constant in
the Presence of Initiator Efficiency Increase

Initial values of parameters used are as in the previous examples.
Here, it is assumed that initiator efficiency in the process on
SDR is reaching maximum value, ie., fimax 1. Initiator
decomposition and propagation rate constants are fitted to satisfy
results gained experimentally, as previously described.

New parameters estimated by gPROMS simulation which
satisfy experimental data are: k; = (1.6540.04) x 1072 s71,
kp = (92740.18) x 10°> dm’mol~'s™! and k; = 1.23 x
108 dm3mol s 1; f=1

Termination Rate Constant

Decrease in termination rate constant would indeed lead to
increase in monomer conversion while increasing molecular
weights significantly, as suggested by some authors (Boodhoo
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TABLE 3 | Polymerization rate constants kq, kp, and k; at 90°C in SDR and batch reactor.

Temperature 90°C Run conditions SDR rate constants Corresponding batch
rate constants

kg (s71) Feed: 10% conversion, (0.96+0.08) x 10°° (1.19+0.04) x 1074

k» (dm®mol-1s~" SDR: 6 om® 57, 8.20+0.16) x 10° 8.184+0.16) x 102

b ([dm°mol~'s™T) 500 rpm (8. 16) x (8. .16) x

ke (dm®mol~"s™1)

1.32 x 108 1.32 x 108

kg (s71) Feed: 10% conversion,
kp (dm®mol~"s~T) SDR: 6 cm® s,
K (dmsmo/—1s—1) 750 rom

(1.754+0.05) x 1073
(9.00+1.18) x 10°
1.32 x 108

(1.194£0.04) x 107
(8.18+0.16) x 10?
1.32 x 108

kg (s71) Feed: 10% conversion,
kp (@mPmol~Ts™) SDR: 6 cm® s,
1,100 rpm

ke (dm®mol~'s™1)

(3.00+0.09) x 1073
10.040.20 x 103
1.32 x 108

(1.19+0.04) x 10~
(8.18£0.16) x 102
1.32 x 108

kg (s71) Feed: 10% conversion,
kp (dm®mol~"s™T) SDR: 6cm® s 1,
1,500 rpm

ke (dm®mol~"s~1)

(5.90+£0.18) x 1073
11.5+0.23 x 10°
1.32 x 108

(1.19+0.04) x 1074
(8.18+0.16) x 102
1.32 x 108

et al., 2002; Leveson et al., 2003). However, if transfer to initiator
(or any other species in the system ie., monomer, solvent,
and polymer) is present, molecular weights would be decreased
and by that these two effects (i.e., decrease in termination rate
constant and increase in transfer to available species) would be
theoretically possible to fit and create impression of high increase
in conversion without changing molecular weights. Previous
modeling study of the free-radical polymerization of styrene in a
batch reactor showed that this was not the case (Novakovic et al.,
2003b).

Therefore, having molecular weights at all times between
predicted limits in the case of termination only by coupling
and termination only by disproportion, i.e., with no obvious
transfer influencing polymerization in a batch reactor, it would be
highly unlikely that extremely high transfer occurs in a spinning
disc reactor.

By entering experimental values for conversion, residence
time, viscosity, and molecular weights in the proposed model (in
gPROMSY), software was able to estimate rate constants values
independently that gave best agreement with the experimental
data. It is interesting to note that, in all of the simulations
performed, virtually no change was observed in the estimated
values of termination rate constant, k;. Some of these results
can be seen in the following sections (Influence of Change
in Disc Rotational Speed on Change in Rate Constant and
Activation Energy).

Influence of Change in Disc Rotational Speed on
Change in Rate Constant

Experimental data available for the same initial conditions
suggested that there is a small trend of increase of conversion
with increasing disc rotational speed, as was observed earlier
in Figure2. This trend can be explained by having rate
constants as a function of disc rotational speed. Using the
experimental data obtained at feed flow rate of 6 cm?® s},
disc temperature of 90°C, pre-polymerization conversion of

TABLE 4 | Polymerization rate constants kg, kp, and k; at different temperatures in
a SDR.

ka (s7) ko (dm®mol~'s™") k¢ (dm®mol 's ")
SDR 90°C 1.254+0.03 x 102 1.20+0.24 x 104 1.32 x 108
SDR 80°C 9.90 +0.02 x 1072 9.80 +0.20 x 10° 1.30 x 108
SDR 75°C 8.00+0.02 x 1073 8.00+0.16 x 108 1.28 x 108
Batch 90°C  1.104+0.03 x 10~ 8.20 +0.01 x 102 1.32 x 108

10%, monomer and initiator concentrations 83 and 1.4%w/w,
respectively, it is possible to evaluate rate constants using the
developed modeling method. Results are presented in Table 3.
These simulation studies predict simultaneous increases in
rate constants k; and k, as the disc spins at a higher rate,
whilst there was no change in the value of k; (compared
neither to pre-polymerized SDR feed nor as a function of
rotational speed).

Activation Energy

The developed model was also used to estimate rate constants
kg, kp, and k; at different reaction temperatures in order to
evaluate activation energies for each polymerization step in a
SDR. Modeling results are presented in Table 4.

Activation energies in the SDR determined using the data
obtained by the gPROMS simulation, as seen in Table 4, were
estimated as: E,g = 30.39 £ 0.05 k] mol™'; E;p = 27.48 +
0.06 kJ mol~'which are smaller than corresponding batch values.
There was no change in E, values as compared to a batch reactor
(Eq = 2.08 & 0.05 kJ mol™!). Overall activation energy
was therefore calculated as 40.59 + 1.11 kJ mol~!. Available
literature suggest that this value is 94.6 kJ mol™! (Odian, 1991).
The experimental overall activation energy (Odian, 1991) for
the batch reaction performed as part of our investigations
(Vicevic et al., 2006b) was estimated as 90 kJ mol~!, which
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shows good agreement with the value reported in the literature.
Low activation energy in a SDR indicates that influence of
temperature on polymerization reaction is less significant than
in conventional equipment (i.e., batch reactor). This further
reinforces our findings given by empirical model equation
(Equation 3) that showed negligible effect that temperature had
on the styrene polymerization in a SDR.

Based on values given in Table 4, the Arrhenius equations
for each of the rate constants in the SDR (temperature interval
75-90°C) may be expressed as follows:

x 3
kg = 2.88 x 102 e R (33)
x 3
ky = 110 x 108 & 0 (34)
« 3
ki = 2.64 x 108 e~ R (35)
CONCLUSIONS

Significant increases in conversion while molecular weights and
by that polydispersity remain almost unchanged during course of
polymerization in SDR is explained by increase in propagation
and initiator decomposition rate simultaneously. Our studies
have shown that explanations offered in earlier work (Boodhoo
et al.,, 2002; Leveson et al., 2003) are not feasible. Mathematical
analysis of the formation of molecule sizes on the spinning
disc reactor showed that for majority of experimental data
available results of mathematical analysis indicate that in the
SDR polymerization process there is an increase in the number
of smaller polymer chains formed on the disc (Novakovic
et al., 2003a). The significant increase in conversions in very
short residence times (of up to 5s) indicate a rapid increase
in monomer consumption. A detailed simulation model is
proposed and steps in polymerization process in which monomer
molecules are consumed are analyzed. It was shown that there
are three possible explanations to satisfy the experimentally
observed trends in conversion. All reactions considered feasible
for the system analyzed were included in the gPROMS simulation
(i.e., transfer to monomer, initiator, and solvent). Steady state
assumption was not applied because of the very short residence
times experienced by the polymerizing system in the SDR.

Batch process with no changes in initial rate constants was
simulated under initial conditions applied on SDR and, according
to molecular weights obtained in our experiments, rate constants
in SDR simulation were fitted to maintain close values of
molecular weights to those achieved in a batch and at the
same time to produce high conversion. It was seen that it is
possible to achieve desired increase in conversion in required
time and to maintain initial molecular weights by simultaneously
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NOMENCLATURE
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M1‘: Mn.v Mnﬁ.
Mmonomer

(Mol

My —X

Mhp

My

Q

[P

PDI

Pre-exponential factor

Initiator species

Initiator concentration

Activation energy

Initiator efficiency

Initiator decomposition rate constant

Initiation rate constant

Propagation rate constant

Termination rate constant

Transfer to monomer rate constant

Transfer to initiator rate constant

Transfer to solvent rate constant

Termination by coupling rate constant

Kinetic chain length

Monomer species

Monomer concentration

Concentration of free radicals

Growing chain species

Molecular weight of monomer unit

Monomer concentration at the beginning of polymerization
Dead polymer chain formed by transfer to monomer
Number average molecular weight

Weight average molecular weight

Flow rate

Macromolecule concentration

Polydispersity

Radius (r; — inner, r, — outer)

Universal gas constant

Reactive species (free radicals, cations, or anions)
Rate of initiator decomposition

Rate of initiation

Rate of propagation

Overall polymerisation rate

Rate of termination

Rate of macromolecule production by coupling

Rate of macromolecule production by disproportion
Rate of macromolecule production by transfer to initiator
Rate of macromolecule production by transfer to monomer
Rate of macromolecule production by transfer to solvent
Time

Solvent concentration

Temperature

Velocity

Extent of reaction (conversion)

Vertical distance

Residence time

Shear rate

First-order moment

Second-order moment

First order moment for dead polymer

Second order moment for dead polymer

First order moment (instantaneously formed macromolecule)

Second order moment (instantaneously formed macromolecule)

Kinematic viscosity
Angular velocity
Film thickness

(mol dm=3)
=)

(g mol~)
(g mol—")
m®s™)
(mol dm~3)
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