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The energy efficiency of two novel process designs for the production of ultra-pure hydrogen with simultaneous capture of CO2 using CH4 as the feedstock, namely membrane-assisted chemical looping reforming (MA-CLR) and membrane-assisted sorption-enhanced reforming (MA-SER) has been compared. The modelling of the integrated network for mass and heat balances has been carried out using the ASPEN® Plus V10 process simulation tool to quantify the benefits and disadvantages of integrating hydrogen perm-selective membranes with either chemical looping or sorption-enhanced reforming. The evaluation of the MA-CLR process is carried out for a range of the following operating conditions: 10 < pR < 60 bar, 500 < TR < 900°C, and 1.5 < H2O/CH4 < 3.0. On the other hand, for the MA-SER process the operation ranges of 1.0 < pR < 10 bar, 400 < TR < 900°C, and 2.5 < H2O/CH4 < 4.0 were considered. Within the operation window of the MA-SER process, no carbon formation is observed, as any carbon present in the system reacts with CaO in the form of CO2. However, in the case of the MA-CLR process, carbon formation can occur during the pre-reforming stage, particularly at low H2O/CH4 ratios. In terms of hydrogen yield, energy utilization and carbon capture, the MA-CLR outperforms the MA-SER plant. However, the MA-SER plant offers certain advantages over the MA-CLR system, such as a pure CO2 product stream and lower reactor design temperatures. In the MA-CLR system, a carbon capture rate of 99.8% and a hydrogen product yield of 74.4% are achieved, whereas the MA-SER plant achieves a carbon capture rate of 98.5% and a hydrogen product yield of 69.7%.
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INTRODUCTION
The expected increase in global energy demand in the near future gives rise to major challenges from a geopolitical and technical point of view. It is projected that the demand for primary energy sources increases from 576.145 PJ/year in 2016 to 720.181 PJ/year in 2040 (ExxonMobil, 2018; IEA, 2018). In the first decades of the 21st century, the majority of this energy is generated from non-renewable resources such as oil, coal and natural gas, accounting for 32%, 27% and 22% respectively (IEA, 2018). However, the reliance on non-renewable sources contributes to greenhouse gas emissions. To ensure sustainable living conditions and limit the environmental impact, it is crucial to limit the global temperature increase to 1.5°C compared to pre industrial levels (Masson-Delmotte et al., 2019). Achieving this goal requires significant reductions in CO2 emissions, necessitating effective regulation of greenhouse gases. One approach taken by governmental institutions is the implementation of carbon taxes and emission rights to restrict total CO2 emissions. In the EU, this is regulated by the so-called European Emission Trading System, EU-ETC. The price for CO2 emissions under this system was around 4–7 €/ton in 2014, but has since risen to over 25 €/ton in Q1-2021 (Markets Insider, 2021). Projections indicate that the CO2 price will continue to increase due to lower emission allowances in the coming decades, leading to higher operational costs (Marcu et al., 2016). Consequently, there is a growing demand for cost-effective CO2 separation techniques to integrate into both existing and new plant designs.
Various technologies, collectively known as carbon capture and storage (CCS), have been developed to economically recover CO2 from process streams (Metz et al., 2005; Cannone et al., 2021; Carpenter and Long, 2017). Three different process routes can be distinguished: post-combustion, pre-combustion and oxyfuel combustion. In this article, our focus will be on the utilization of pre-combustion and oxy-fuel combustion, with hydrogen as the primary product.
Hydrogen holds significant potential as a clean energy carrier and can contribute to achieving emissions targets. This is due to its high energy density ([image: image]), and the fact that its combustion with oxygen from air results in steam, which has negligible environmental impact and is widely used as feedstock in numerous chemical processes. Currently, approximately 70 million tons of hydrogen are produced each year, with a market value of $103 billion USD in 2017. Projections indicate that the hydrogen market will experience an annual growth rate of 8.1% until 2026 (IEA, 2019; Research and Markets, 2019). However, the majority of hydrogen production still relies on fossil fuels. To transition towards sustainable practices with zero or even negative carbon footprints, there is a need for a transition period. This involves shifting away from non-renewable carbon-based energy sources while integrating carbon capture and storage (CCS) techniques. Simultaneously, the production of renewable energy carriers should be increased. This transitional phase is necessary until it becomes economically feasible to fully embrace sustainable chemical processes.
The following section describes the traditional methane steam reforming plant, which serves as a benchmark for large scale hydrogen production. The purpose is to identify the necessary improvements in material and energy efficiencies to enhance hydrogen production.
Industrial steam reforming of natural gas
Steam methane reforming (SMR) is the dominant method for large-scale hydrogen production and accounts for approximately 50% of the global hydrogen production (IEA, 2019; Ewan and Allen, 2005). Figure 1 provides a schematic representation of a traditional SMR plant which involves several steps, including feedstock pretreatment, reactor section, post-process treatment, and energy management. The process begins with the pretreatment of the natural gas (NG) feedstock, after which is undergoes reforming with steam in a reformer reactor. The first step consists of the pre-reforming of hydrocarbons to produce syngas through the steam reforming reaction (SR), shown in Eq 1, presented in Table 1. In the case of methane as the carbon feedstock (n = 1, m = 4), the steam methane reaction (SMR, Eq 2) yields a syngas with a stoichiometric ratio of 1:3 for CO to H2. This is followed by the water-gas shift reaction (WGS, Eq 3), which further increases the hydrogen yield but also generates CO2. This process is thermodynamically limited and the enthalpies of formation indicate the SMR reaction is favored at elevated temperatures and low pressures, while the WGS is favored at low temperatures. To accommodate this suboptimal situation, the reformer reactor is operated at a high temperatures (700°C–1,100°C) and moderate pressures of 13–25 bar (Rostrup-nielsen and Rostrup-nielsen, 2002). This enables high methane conversion and results in a syngas composition primarily consisting of CO, H2 and unconverted H2O, and lower concentrations of CH4 and CO2. The hot gas steam is then cooled to around 200°C–350°C, which promotes the WGS reaction in the low temperature shift reactor for increased H2 yield and CO2 as byproduct. The resulting product steam mainly consists of H2, CO2, and excess H2O. After condensing the excess steam, the product is purified using pressure swing adsorption (PSA) (Shi et al., 2018) or cryogenic distillation (Xu et al., 2014), where CO2 is stripped from the hydrogen product. The overall energy demand and the high operating temperature of the reformer reactor contribute to the efficiency penalty of the process. The required heat is typically supplied by combusting part of the NG feedstock with air (MC, Eq 4), which reduces carbon efficiency and increases CO2 production. As air is used to react in direct contact with NG, a dilute stream of CO2 with a large N2 content (typically 3%–15%) is produced (Metz et al., 2005). Separating CO2 from the flue gas becomes increasingly costly as the concentration decreases, leading to higher operational- and capital expenditures (OPEX and CAPEX) and further reducing the carbon efficiency of the plant.
[image: Figure 1]FIGURE 1 | Benchmark SMR plant for hydrogen production using methane feedstock for the high temperature endothermic reaction in the reformer reactor. Direct combustion of methane with air leads to a low concentration CO2 in the flue gas stream (Gallucci et al., 2013).
TABLE 1 | Governing reactions for SMR plant.
[image: Table 1]In order to develop a novel hydrogen production plant that utilizes NG as feedstock and effectively reduces the CO2 emission costs (considered either as reduced carbon taxes or reduced energy penalties for the separation), the following criteria need to be met:
• Integrated heat management for the endothermic methane reforming reaction.
• Integrated carbon capture combined with reduction in carbon emission avoidance cost.
• Reduction of the number of unit operations for CAPEX and OPEX cost.
• Production of high-grade hydrogen (>99.99%) for fuel cell applications (Sasaki et al., 2019; Tawfik et al., 2007; Bacquart et al., 2019).
This study investigates two novel process designs that aim to achieve high-grade hydrogen production and integral CO2 capture using methane as the feedstock. The first process is the membrane-assisted sorption-enhanced reforming (MA-SER), while the second process is the membrane-assisted chemical looping reforming (MA-CLR). Figures 2A, B provide a schematic representation of these processes. These processes achieve an effective physical separation of the reformate and the air stream, thereby removing the requirement for downstream N2/CO2 separation as is otherwise required in traditional processes. These processes achieve this in a different manner: the MA-SER process uses carbon transfer, whereas the MA-CLR process utilizes oxygen transfer. In literature the SER and CLR process are investigated at various operation conditions using kinetic and thermodynamic models, including proof of demonstrations of the materials and reactor design. However, these processes are not yet evaluated in literature using a full heat- and mass integrated plant design with a sensitivity analysis. This work aims to provide insight on the advantages and disadvantages of the MA-SER and MA-CLR processes at plant design level. Both the MA-SER and MA-CLR processes rely on hydrogen perm-selective membranes and require further investigation into the current state-of-the-art H2 membranes. Literature suggests that selectively removing reductive gasses from syngas streams in situ can enhance stable carbon formation on the catalyst (Oertel et al., 1987; Pedernera et al., 2007; Lægsgaard Jørgensen et al., 1995). To explore this phenomenon, a reference system known as membrane-assisted steam methane reforming (MA-SMR) is utilized, and the findings are extrapolated to inform the design and operation of the MA-SER and MA-CLR plant designs.
[image: Figure 2]FIGURE 2 | Simplified process flow diagram for the (A) MA-SER and (B) MA-CLR processes based on a dual fluidized bed reactor design.
The subsequent sections provide a more detailed description of the MA-CLR and MA-SER processes. A preliminary thermodynamic study is performed to determine the optimal and stable process conditions for each process. Additionally, a comprehensive sensitivity study using a heat and mass balance (H&MB) integrated network is performed to assess the effects of operating conditions on the overall plant performance. To compare the two plant designs, key performance indicators (KPIs) are defined, presented on page 20. While this study primarily focuses on the technical aspects, a brief discussion on the economic aspects of the plant design will be provided, with a complete techno-economic analysis planned for future investigation.
MA-CLR process description
Figure 2B illustrates the configuration of the MA-CLR process, which is based on the chemical looping reforming (CLR) process. This process involves two interconnected fluidized bed reactors, the air reactor (AR) and the fuel reactor (FR). The solids circulation transfers the solids between the two reactors, while the gas streams remain physically separated (Fan, 2014; Rydén et al., 2006; Abad, 2015). The operation of this system relies on an oxygen carrier (OC), which is a solid compound responsible for transferring oxygen in the form of an oxidized (supported) metal from the air reactor to the fuel reactor. In the air reactor, the OC undergoes oxidation, generating heat and is increasing the temperature of the solids. This heat is utilized for the overall endothermic SMR and WGS reactions taking place in the fuel reactor. Various studies have been conducted to select an appropriate OC based on several criteria; such as thermal and mechanical stability, chemical activity for oxidation and reduction, multicycle performance, and cost considerations (Sub Kwak et al., 2018; Tang et al., 2015; Spallina et al., 2016; Kang et al., 2010). For this study, a Ni/NiO supported on γ-Al2O3 is chosen to investigate the MA-CLR process, serving as both the OC and catalyst for the SMR and WGS reactions. In the air reactor Ni is oxidized with the oxygen present in air to form NiO (OXOC, Eq 5), presented in Table 2. The (partially) oxidized and heated OC is then transferred to the fuel reactor, where it is reduced by the syngas mixture according to reactions in Eq 6-8. The solid particles are introduced at the top of the fuel reactor to reduce the reformate gas in the freeboard zone of the reactor. As a result, the gas stream leaving the FR primarily consists of CO2 and H2O, with traces of H2, CO and CH4. The (partially) reduced and moderately hot OC then re-enters the fluidized bed, acting as catalyst in its reduced state. To maintain autothermal conditions, the OC is removed from the fuel reactor and sent back to the air reactor, completing the chemical looping cycle of the OC. The MA-CLR process offers several advantages over the traditional SMR process:
• The oxidation of Ni in the air reactor generates the necessary energy for the endothermic SMR reaction in the fuel reactor. This eliminates the need for an external furnace, resulting in energy savings.
• The use of membranes in the MA-CLR process replaces the need for dedicated WGS reactors. By extracting hydrogen from the system, the thermodynamic equilibrium is shifted towards higher methane conversion, reducing the requirement for additional post-processing unit operations.
• In the MA-CLR process, oxygen is transferred through a solid matrix and used in the reforming reactions. As a result, the N2 and CO2 rich streams are physically separated without the need for additional separation equipment.
TABLE 2 | Governing REDOX reactions in MA-CLR process using methane as feedstock.
[image: Table 2]While the MA-CLR process employs an OC to transfer oxygen on a solid carrier to the FR for the reforming reactions, the MA-SER process on the other hand operates by cycling carbon in the solid matrix from the first to the secondary reactor before the fuel comes into contact with air. In the following section, we will provide a more detailed description of the MA-SER process.
MA-SER process description
A depiction of the configuration of the MA-SER process can be observed in Figure 2A. The framework of the MA-SER process is based on the sorption-enhanced reforming (SER) process. The SER process combines the catalytic reforming of hydrocarbons with the in situ capture of CO2 using a solid CO2 acceptor, known as a sorbent, within a single reactor (Harrison, 2008; Arstad et al., 2012; García-Lario et al., 2015). The removal of CO2 from the hydrogen rich stream by a gas-solid reaction enhances methane conversion according to the Le Chatelier’s principle. This reversible reaction, referred to as carbonation (CaC, Eq 9) fixes CO2 to the sorbent, while the calcination regenerates the sorbent. This reaction is presented in Table 3. The choice of sorbent for in situ CO2 capture depends on various criteria, including reformer and regeneration temperature, pressure, gas composition, and reactor design. Generally, the sorbent must exhibit a high affinity for carbonation and calcination under the specified operating conditions, possess high chemical and mechanical stability, demonstrate a high sorption capacity and be produced at a relatively low cost. Numerous studies have addressed these aspects, particularly focusing on economically viable CCS process deployment (Harrison, 2008; Abanades et al., 2004; Yan et al., 2020; Shokrollahi Yancheshmeh et al., 2016; Boon et al., 2014; Feng et al., 2007; Moore, 1992; Nakagawa and Ohashi, 1999). In this study, a CaO-based sorbent supported by an inert Mayenite (Ca11Al14O33) is selected due to its excellent multicycle stability, relatively high sorption capacity, low mechanical abrasion, and consistently high reaction rates. In the presence of syngas mixture containing excess steam, two reactions can occur with CaO as the sorbent. At low temperatures and high steam content, the hydration reaction is preferred (CaH, Eq 10), whereas in the presence of CO2 the carbonation reaction (CaC, Eq 9) becomes more prominent due to the higher affinity for CO2 compared to H2O. These reactions are reversible and subject to thermodynamic limitations. The equilibrium curves for H2O and CO2 with CaO are illustrated in Figure 9A. However, considering only thermodynamic properties is insufficient for optimal reactor design, as the kinetics of both the sorbent and catalyst play crucial roles. Two kinetic regimes are defined for the sorbent (Shokrollahi Yancheshmeh et al., 2016; Li et al., 2016). At low sorbent conversion, the reaction rate is primarily governed by the fast surface reaction, which is independent of the sorbent conversion. As the CaCO3 layer increases, the slow carbonate diffusion to the unreacted core of CaO becomes the rate-limiting step in the diffusion-limited regime, as the diffusion path increases with conversion. The transition between the fast- and slow-kinetics-dominating regimes is determined by the operating conditions and granulate design.
TABLE 3 | Governing in (MA-)SER process using CaO based sorbents.
[image: Table 3]For the design of the plant, the SER process can be implemented using either a fixed bed reactor configuration with multiple beds operated in different modes or using a dual fluidized bed reactor (DFBR) configuration. In this study, the DFBR setup is chosen for several reasons. Firstly, it helps minimize the temperature gradient across the reactor, which in turn enhances the mechanical stability of the membranes. Additionally, it improves mass transfer between the gas phase and the membrane surface compared to the design of a multi-tube membrane fixed bed reactor.
In order to optimize the process design in terms of the KPIs, a sensitivity analysis is conducted to evaluate the impact of operating conditions. This analysis aims to identify a stable operating regime for all unit operations and optimize productivity in terms of feedstock and energy utilization. Initially, a preliminary study is carried out to establish a baseline for the sensitivity analysis. This study examines the effect of various operating conditions on hydrogen yield, carbon capture rate (CCR), and energy efficiency, after heat and power integration of the MA-SER plant. For both the MA-CLR and MA-SER plants the effectiveness of the plant modification/design heavily depends on the membrane performance.
State of the art H2 selective membranes and effect of in situ extraction on process stability
One of the options to extract hydrogen in situ is the deployment of perm-selective membranes. Significant advancements have been made in recent decades in terms of material performance, particularly regarding mechanical and chemical stability (Dittmar et al., 2013; Yukawa et al., 2014; Ockwig and Nenoff, 2007; Arratibel et al., 2018). It has been established that different types of membranes used for hydrogen separation have widely varying operating windows regarding gas composition, temperature and pressure, presented in Table 4 (Gallucci et al., 2013). Consequently, the performance of membranes can vary significantly in terms of product selectivity and permeability. When selecting membranes for the MA-SMR, MA-SER, or MA-CLR processes, the reactor design must also be taken into consideration. In the case of a (dual) fluidized bed operation mode, it is necessary to study the mechanical stability of the membrane concerning the impact of granulates on the membrane surface. Numerous experimental studies have been conducted under various operating conditions in fluidized beds to demonstrate the technical feasibility of implementing thin-film dense membranes and their stability over extended periods of time (Medrano et al., 2016). For this particular study, dense membranes are chosen, either on metallic or ceramic supports depending on the operating temperature, because of their high hydrogen perm-selectivity and their proven suitability for fluidized bed operation. It should be noted that a techno-economic analysis and a technical feasibility study should be conducted to evaluate the selection of materials for the dense membranes and their design, for their mechanical stability and activity. The selective removal of primarily H2 from the reactor in situ has an impact on the balance between reductive and oxidative gasses, which can potentially lead to carbon formation. It is essential to conduct a preliminary study to evaluate the influence of this factor on the reactor design.
TABLE 4 | Comparison of different membrane types for H2 separation and process conditions.
[image: Table 4]CARBON FORMATION IN (MEMBRANE ASSISTED-) STEAM METHANE REFORMING BASED PROCESSES
Extensive studies have been conducted in the literature on the reforming of various feedstocks such as natural gas, LPG, naphtha and (bio-)oil streams using steam and/or oxygen, particularly in relation to carbon formation (Gao et al., 2012; Rice and Delmotte, 2007; Annesini et al., 2007; Chhiti et al., 2013; Lugvishchuk et al., 2018). The formation of carbon can have detrimental effects on the process. It can cause redirection of gas flow, leading to increased mass transfer resistance caused by pore blockage, as well as increased heat transfer resistance, which in turn reduces the performance of the catalyst and increases conditions conducive to further carbon formation (Behnam and Dixon, 2017; Seemann and Thunman, 2019; Arku et al., 2020). During the reforming of hydrocarbons to syngas, carbon formation occurs as an intermediate step on the catalyst surface, and it is subsequently released from the surface in the form of CH4, CO or CO2. However, if the process conditions are not well optimized, amorphous carbon can cover the catalyst surface, resulting in reduced catalytic activity due to fewer available catalytic sites. Eventually, the entire surface becomes covered in carbon, leading to catalyst deactivation. To prevent stable carbon formation, extensive thermodynamic studies have been carried out. These studies consider the effects of steam-to-carbon (H2O/CH4) and oxygen-to-carbon ratios, as well as temperature and pressure. Surface models, such as molecular dynamics, take into account the orientation of catalyst crystals and their interaction with the support surface, as macro thermodynamic parameters alone do not capture the changes in entropy and adsorption enthalpy occurring at the catalyst surface. These surface models help elucidate the impact of these microscopic factors on carbon formation and can lead to a shift in the regime of stable carbon formation at higher H2O/CH4 ratios, which may differ from what is predicted by macro thermodynamic properties (Jaworski et al., 2017).
When using CH4 as feedstock, these reactions involved are classified as the methane decomposition (MD, Eq 12) and the reverse Boudouard (rB, Eq 13) reaction, as shown in Table 5. The MD reaction is favored at low pressures and high temperatures, whereas the rB reaction is favored at high pressures and low temperatures. This interplay between temperature and pressure is relevant because it influences the source of stable carbon formation, indicating that suboptimal condition can lead to undesired production of carbon.
TABLE 5 | Governing reactions carbon formation from methane feedstock.
[image: Table 5]In the respective sections of the MA-CLR and MA-SER processes, the impact of process conditions on carbon formation is investigated, with the MA-SMR process serving as benchmark for comparison. To assess and compare the performances of plants, it is necessary to establish a methodology for designing the plants. This methodology will outline the criteria and considerations used in designing the MA-CLR and MA-SER processes, allowing for a comprehensive evaluation of their performances and facilitating a meaningful comparison with the benchmark MA-SMR process.
Process simulation methodology
The calculation of the integrated network of mass and heat balances is carried out using the ASPEN® Plus V10 simulation tool. This software tool enables the incorporation of physical properties and chemical interactions of compounds under varying operating conditions. It allows for the combination of different unit operations, such as mixers, splitters, reactors, heat exchangers, (multistage) compressors, expanders, to design a chemical plant. For example, the membrane fluidized bed reactor is not a standard unit operation but can be constructed and simulated by first combining the solid inlet stream from the top of the reactor and the reforming feedstock mixture. The gas-solid mixture is converted such to maximize the hydrogen content in a RConv reactor. Based on the H&MB network a fraction of the hydrogen is removed using a FSplit operator and finally the remaining gas-solid mixture is obtained at equilibrium composition by a RGibbs reactor. Another example is this the freeboard zone of the FR where the solid and gas streams flow countercurrent. This is simulated using three combinations of a single RGibbs reactor and a FSplit operator. The downward solid flow and upward gas flow are combined as inlet to the RGibbs reactor to obtain an equilibrium composition. The oulet of this RGibbs reactor is separated using a FSplit operator such that the solid flow is either send to reactor N-1 or to the FR. For the gasflow this is send either as inlet to RGibbs reactor N+1 or to the heat exchanger of the pre-reformer.
To simplify the system and limit the number of variables, several design specifications and calculators are implemented to ensure operation within the desired conditions. Table 6 provides an overview of the material composition and operating conditions used in this study. The heat integration is based on pinch analysis, which involves utilizing heat exchange between high-temperature streams that need to be cooled and low-temperature streams that need to be heated, in order to minimize the heat exchange equipment size and maximize the recovery of high caloric energy in the system (El-Halwagi, 2006).
TABLE 6 | MA-CLR and MA-SER operation conditions and material composition.
[image: Table 6]Performance indicators for MA-SER and MA-CLR process design
In the comparison between the H&MB integrated MA-SER and MA-CLR plants, which are operated at different optimal process operation conditions, various performance indicators are defined to assess both feedstock- and energy utilization.
Table 7 provides an overview of the performance indicators used in this study and Table 8 provides the base assumptions for modelling of process schemes of the MA-CLR and MA-SER process. Both the MA-SER and MA-CLR processes utilize CH4 as carbon feedstock. For the reforming plants, three product streams are defined: (1) the hydrogen extracted from the reformate using perm-selective membranes, (2) the CO2-rich stream and (3) the high-temperature depleted air stream. The primary objectives of both processes are: (1) maximize the hydrogen yield, (2) minimize CO2 emissions, considering the energy penalty associated with separation and (3) achieve optimal energy recovery through a heat-and-power integrated network.
TABLE 7 | Performance indicator for hydrogen plant comparison (Martínez et al., 2013).
[image: Table 7]TABLE 8 | Base assumptions for modelling of process schemes of MA-CLR and MA-SER process in ASPEN for M&HB integrated network for hydrogen production (Anantharaman et al., 2011; Spallina et al., 2016; Martínez et al., 2013; Turton et al., 2001).
[image: Table 8]The assessment of hydrogen production in the MA-SER and MA-CLR processes involves monitoring two key performance indicators: the hydrogen recovery factor (HRF, Eq 14) and the hydrogen yield (YH2, Eq 15). The hydrogen recovery factor (HRF) is calculated as the ratio of the hydrogen permeation rate to the maximum hydrogen production rate achievable from the hydrocarbon feedstock when using H2O as an oxidizer. This factor provides an indication of how effectively hydrogen is recovered from the system. The hydrogen yield (YH2) represents the amount of hydrogen produced relative to the maximum hydrogen production rate from the hydrocarbon feedstock using H2O as an oxidizer. It accounts for the hydrogen permeation rate and the product stream, providing a measure of the efficiency of hydrogen production. In addition to hydrogen production, reducing carbon emissions is a crucial aspect of the MA-SER and MA-CLR processes, which is monitored with the carbon capture rate (CCR, Eq 16), defined as the carbon molar flow rate in the form of CO2 captured compared to the total carbon molar feedstock flow rate, in compliance with purity constrains specified in EU regulations for geological storage (Anantharaman et al., 2011).
To assess the overall energy efficiency of the process, two energy-based performance indicators are defined. The first indicator is the hydrogen efficiency ([image: image], Eq 18), which represents the chemical energy stored in the hydrogen product from CH4, not considering other forms of energy. The second indicator is the equivalent hydrogen efficiency ([image: image], Eq 19), which evaluates the overall energy conversion efficiency of the hydrogen plant. This indicator takes into account the recoverable thermal energy which can be used for auxiliaries or steam transport and the overall electricity demand for compressors/expanders. These energy demand/production from auxiliaries must be corrected by their energy conversion efficiencies, which is typically [image: image] and [image: image] (Martínez et al., 2013).
The most important parameters to be monitored for a hydrogen plant using carbon feedstocks, based on thermodynamic studies, are the hydrogen efficiency and the CCR factor to produce the maximum amount of hydrogen, without compromising the energy cost associated with CO2 separation from process streams. Therefore, in order to compare the conversion of different hydrogen plants using different carbon containing feedstocks and process conditions, the CO2 specific emission avoidance cost (ECO2, Eq 20) compares the energy stored in hydrogen with the amount of CO2 which is not emitted. It takes into account the CO2 emissions associated with the energy demand/export for auxiliaries. The equivalent CO2 specific emission avoidance cost ([image: image] , Eq 21) is a more accurate representation of the energy penalty for carbon capture. Finally, to assess the extent of the external energy infrastructure required for these processes, the import in the form of electricity or energy export in the form of steam compared to the chemical feedstock or products, are expressed in the electrical energy import ([image: image] and thermal export fraction ([image: image]. A lower import or export fraction indicates that the plant is less dependent on plant location, being more self-sufficient for energy production and utilization.
Carbon formation in membrane-assisted reforming processes
The study is performed in ASPEN® Plus V10 by the combination of a conversion reactor, a separator at a selected hydrogen recovery factor (HRF, Eq 14) and the remaining gas mixture is sent to a Gibbs equilibrium reactor. The outlet composition is determined by the Gibbs reactor, which minimizes the chemical potential energy where solid carbon is allowed as component to be formed next to CO, CO2, CH4, H2O and H2. In Figures 3A, B the impact of reforming pressure and a range of HRFs on the carbon formation regime is shown as a function of reforming temperature and inlet H2O/CH4 ratios. The lines indicate where the transition exist between the macroscopic favorable conditions for carbon formation on the left side, as more reductive gasses are present compared to the right side where no carbon deposition is expected due to the excess of oxidative gasses. Using pR = 5.0 bara, HRF = 0 and TR = 650°C as example at H2O/CH4 = 1.0 stable carbon formation can be expected whereas at H2O/CH4 = 2.0 not. The model results are verified with literature for HRF = 0 (Annesini et al., 2007).
[image: Figure 3]FIGURE 3 | Effect of stable carbon formation regime as function of pressure and HRF for MA-SMR system (A) 5.0 bara (B) 20 bara. The gray shadow represents the conditions where the stoichiometric ratio is greater than 2.0, the minimal ratio required for full conversion of CH4 to CO2. The asymptote at HRF = 0.8 at elevated temperatures observed for H2O/CH4 at 1.2 is due to the competition between the production of H2 for extraction through the SMR reaction and the undesirable conditions for WGS equilibrium.
Prior to this study, there is limited literature available on the investigation of how hydrogen removal affects the shift of the stable carbon formation regime. Therefore, we aim to explore this aspect in the context of membrane-assisted reforming processes, with MA-SMR serving as the benchmark. By conducting this investigation, we intend to provide valuable insights into the impact of hydrogen removal on carbon formation. The MA-SMR process is schematically represented in Figure 4 where a fraction of the permeated hydrogen is used as fuel for the endothermic SMR reaction.
[image: Figure 4]FIGURE 4 | Schematic representation of MA-SMR reactor module. From inside to outside the H2 perm selective membranes, the catalytic fixed bed, the heat exchanger wall and the combustion zone. The endothermic reaction for steam methane reforming is sustained by the combustion of H2 with air, effectively separating CO2 from N2 stream while obtaining autothermal conditions.
From the results, graphically presented in Figure 3, it can be observed that an increase in HRF has a significant effect on the position of the stable carbon formation regime. As hydrogen is removed, the production of CO and CO2 through SMR and WGS is not desirable from a thermodynamic point of view. At lower temperatures methane is the most thermodynamically stable product. With increased methane concentrations the MD reaction is more beneficial to provide the desired hydrogen for extraction, shifting the carbon formation regime. At higher temperatures the formation of CO is the most thermodynamically stable product, resulting in a gradual transition between MD and rB dominating mechanism for carbon formation. This transition is observed in the curvature at intermediately high temperatures because of the presence of CO2 as intermediate stable product in steam reforming, generating a transition zone. In this section with increasing temperature the MD and SMR are more favorable, where the conversion of CO from the rB reaction is prevented by the CO2 presence in the syngas mixture. In conclusion, It can be observed that the trade-off between the MD, which is favorable at low temperatures and lower pressures and the rB, favorable at high temperatures and pressures, results in a gradual transition of the stable carbon formation boundary indicated with the lines. This is with respect to both increasing pressures and temperatures due the interplay in most favorable conditions/enthalpy and net gaseous products.
A final important note is the potential for carbon formation in the MA-SMR at relatively low HRF values, exceeding the stoichiometric ratio of 2.0 for full CH4 conversion to maximize YH2. To prevent this phenomenon, excess of steam is required throughout each position in the reactor. This is also beneficial from a thermodynamic point of view, increasing the driving force for the SMR and WGS reactions. However, from an economic point of view, this increases the plant size and results in larger heat sinks for the condensation and reheating of the vapor stream which reduces the overall energy efficiency of the plant. In membrane reactors the excess steam reduces the hydrogen partial pressure and results in a lower driving force across the membrane. In order to compensate for this reduction additional membrane area and/or lower permeate pressure, e.g. lower pressure or increased sweep flow rate, is required to recover the hydrogen product. This induces an increase in OPEX and CAPEX cost with increasing H2O/CH4 ratios.
In the next sections for individually the MA-CLR and MA-SER process a preliminary thermodynamic analysis is performed to 1) establish the optimal process conditions 2) investigate the effect of process conditions using a sensitivity analysis in an H&MB integrated system on the KPIs.
Thermodynamic preliminary analysis for MA-CLR process
In order to operate the (MA-)CLR process at autothermal operation conditions the ideal H2O/CH4 and oxygen-to-methane (O2/CH4) ratio is determined by balancing the exothermic energy from the methane oxidation and WGS with the endothermic SMR reaction using Hess law. This can be achieved by combining reactions equations 09-11, from which the maximum hydrogen yield at autothermal conditions can be calculated. The ideal H2O/CH4 and O2/CH4 ratio are approximately [image: image] and [image: image] respectively for a wide temperature range between 400°C and 1,000°C. This corresponds with a [image: image] at ideal autothermal conditions. To satisfy the overall energy demand due to dilution of oxygen in air and the overall energy demand of the system the simulations are performed for CH4/H2O [image: image], while the O2/CH4 ratios are varied, taking into account an excess of 20% in the air reactor. As carbon formation is more prone at low O2/CH4 and H2O/CH4 ratios, this will be used as reference case for this study, for an isothermal system the O2/CH4 = 0.371 and is evaluated at different HRFs. A sensitivity study on carbon formation is performed to study the effect of HRF.
In Figure 5 the effect of hydrogen extraction with respect to the FR temperature is presented for an operation pressure at 1.0 or 10 bara. It can be observed that at higher HRFs the carbon formation regimes shifts from low to higher H2O/CH4 ratios, as expected from the analysis preformed for the MA-SMR system. It can be assumed that the oxygen from steam is partially substituted by molecular oxygen from air, which is fully consumed. It must be noted that at a moderate HRF ≥0.4 the ideal H2O/CH4 ratio based on autothermal operation conditions for low reforming temperatures raises concerns. This implies that an excess of steam is required for the operation of the MA-CLR system to ensure avoiding carbon formation at any position in the FR. For the evaluation of the MA-CLR system the overall process scheme is analyzed, which determines the minimum H2O/CH4 ratio required to prevent carbon formation.
[image: Figure 5]FIGURE 5 | Effect of hydrogen extraction on stable carbon formation regime with O2/CH4 = 0.371 at (A) 1.0 bara and (B) 10 bara at variable reforming temperatures. The shaded area represents the H2O/CH4 [image: image] ratio required for autothermal operation conditions and minimum steam content for full conversion of the methane feedstock.
Due to the design of the MA-CLR reactor the solids from the AR will first get into contact with the gas outlet from the fluidized bed section of the FR, partially reducing the OC. Therefor the local oxygen content entry from the top in the fluidized bed membrane reactor can be lower as more reductive gasses passes through the top of the reactor. The OC has two objectives: in the first place it is to supply the fuel reactor with sensible heat required for the endothermic reforming reactions, the secondary goal is to introduce atomic oxygen to the reactor to reduce the oxygen required from the steam. However, this can cause an imbalance in the local reactor gas and solid composition to prevent carbon formation. When the solids temperature is too low, the solid circulation rate is increased and more oxygen in the form of NiO is introduced in the fuel reactor; the reformer gasses are fully reduced at the end of the freeboard-zone. When the solid temperature from the air reactor is too high due to the efficient recovery of heat from the depleted air stream to the air feed, the solids circulation rate is reduced. Therefor the oxygen content in the OC introduced in the freeboard-zone is (fully) depleted by the reformer gasses from the fuel reactor before entering the fluidized bed section with membranes. This condition will lead effectively to a lower O2/CH4 ratio with a higher propensity to carbon formation. Considering these factors both from the thermodynamic sensitivity analysis and process design, a minimum H2O/CH4 ratio of 2.0 will be selected as lower boundary for the MA-CLR system in this investigation. Based on literature references the remaining base case process conditions are selected to be 600°C, pRet = 20 bar and pPerm = 1.0 bar (Medrano et al., 2014).
The MA-CLR process is modelled in ASPEN® Plus V10 using the combination of the standard operation units available in the software package. The H&MB integrated MA-CLR process is presented in Figure 6. The integration network proposed is based on the preliminary analysis of the temperature profiles and energy demand of the unit operations and heat exchangers using pinch analysis. In order to simulate the plant, a set of constraints have to be implemented, in the form of design specs, to reduce the number of free variables in the system which are related to the heat and mass balances. These following design specs have been implemented in the ASPEN flowsheet, presented in Table 9:
1. In order to operate the fluidized bed section of the fuel reactor, where the membranes are located, the desired temperature is set as FR temperature. This temperature is the result of an integral heat and mass balance which has to be solved by the combination of the heat of reaction due to the governing reactions, the temperature of the OC from the freeboard zone of the FR and the inlet of the reformate feedstock from the pre-reformer reactor. To obtain the design temperature, the solids circulation rate is adapted between the FR and AR.
2. To ensure that the reduced OC from the FR is fully oxidized an excess of oxygen in the AR is required. This excess is set at 20% compared to the stoichiometric amount for the oxidation reaction. Thus, the air feedstock flow rate is varied to achieve this required excess.
3. The inlet H2O/CH4 ratio for the pre-reforming reactor is a stream consisting of fresh H2O feed and the recycle obtained from steam condensation after separation from the CO2-rich stream from the flue gas. This is the result of the reduction of fuel with OC in the freeboard-zone and excess steam in the feed to the FR. Depending on the recycle stream flow rate, the fresh H2O feed rate is adjusted.
4. In the case of integration with membranes, a driving force is required to extract the hydrogen in situ from the reformate stream in the FR. In order to maintain a significant driving force throughout the reactor the hydrogen outlet composition is controlled by the HRF such that the difference between the hydrogen partial pressure at the outlet of the REF reactor and the permeate pressure is 0.2 bar.
5. In order to improve the energy integration of the plant, the high-temperature flue gas stream from the FR can be utilized to supply the energy demand for the highly endothermic reforming reactions in the pre-reformer reactor. To supply the heat for the pre-reforming reactions a temperature difference is required between the streams. An energy balance is used where the temperature of the pre-reformer is varied such that the outlet flue gas temperature is 20°C above the outlet temperature of the reactor.
[image: Figure 6]FIGURE 6 | M&HB integrated network for MA-CLR hydrogen plant using DFBR configuration for continuous operation.
TABLE 9 | Design specs for MA-CLR process.
[image: Table 9]In Supplementary Appendix SA the composition, temperature and pressure of the individual streams, indicated by the stream number in Figure 6, are presented for the basecase of the MA-CLR process of this study.
Sensitivity analysis MA-CLR plant for hydrogen production
It has been identified in the preliminary thermodynamic study that the effect of temperature, retentate pressure and oxygen content in the reactor has a significant influence on the stability of the MA-CLR process and the plant KPIs. Therefore, a sensitivity analysis using the base case parameters for the MA-CLR process is carried out. The retentate pressure is a free variable which can be changed independently. The fuel temperature is varied through the solids circulation rate, and the oxygen content in the fuel reactor is controlled by the permeate pressure.
The fuel reactor temperature has a significant impact on the stability and performance of the MA-CLR plant. Based on the preliminary analysis, it is anticipated that higher HRFs at lower FR temperatures may lead to a higher potential for carbon formation. This is indeed confirmed after heat and mass integration, as can be observed in Figure 7A. Fuel reactor temperatures above 550°C have minimal effect on the CCR and YH2, indicated by the slight negative slope in the plot, as the heat recovered at higher temperatures is used to facilitate the energy demand in other sections in the system. For the high temperature fuel off gas stream, this high heating value energy is used in the pre-reformer section to supply the energy required for the overall endothermic reactions. The high temperature from the depleted air stream generated in the AR, is used to heat the air feed for the oxidation of the OC in the AR. It must be noted that only heat integration is insufficient to consider the system performance. Increasing the FR temperature results in an increase in the AR temperature as the OC is supplying the oxygen and energy required for the endothermic reaction in the FR, as can be seen in Figure 7B. Another consideration is the CO content in the CO2-rich offgas. Due to the higher temperatures in the freeboard-zone during reduction of the OC and the high CO2 content, from a thermodynamic perspective it is undesirable to convert CO into CO2 at elevated temperatures. This reduces the oxygen content in the offgas to the WGS reactor. Therefor a higher CO content is found in the CO2 stream, which does not satisfy the quality requirements for geological storage applications when operating the FR at higher temperatures at 20 bar.
[image: Figure 7]FIGURE 7 | The effect of FR temperature (A, B), retentate/reactor pressure (C, D) and permeate pressure (E, F) on the performance indicators and energy utilization compared to the base case MA-CLR of TR = 600°C, pR = 20 bar, pPerm = 1.0 bar and H2O/CH4 = 2.0.
From a thermodynamic point-of-view, the retentate pressure is a minor impact on the hydrogen yield and the CCR, as shown in Figure 7C. This is explained by the fact that the reactions which involve the reduction of the oxygen carrier in FR or the oxidation in the AR are reactions that are not dominated by the effect of thermodynamic equilibrium shifts due to the full conversion of the reactants. In order to pressurize the system, multiple expanders and compressors have to be installed to operate at the desired retentate pressure for both the FR and AR. However, this compression energy is recovered for the depleted air stream and from the other product streams, viz. H2 and CO2-rich flue gas streams. This process step is already required as the product delivery pressure is higher than the reactor pressure. It must be noted that even though the reduction of the OC is independent of pressure the CO content in the flue gas is affected by the amount of H2 at the outlet of the FR. Due to a lower H2 content less OC is reduced in the freeboard zone, affecting the equilibrium of the catalytic SMR and WGS reactions at higher temperatures. These conditions result in an increase of CO in the offgas mixture.
The permeate pressure is a free variable which effectively regulates the amount of reductive gasses available for the reduction of the OC in the freeboard-zone. The permeate pressure is varied between 1.0 and 5.0 bara, as presented in Figures 7E, F. At low permeate pressure, more H2 is recovered in the fuel reactor due to the higher membrane chemical potential difference between retentate and permeate side. This results in less H2 leaving the fuel reactor section at the top of the fluidized bed section for the reduction of the OC in the freeboard-zone. As the heat demand in the fuel reactor is regulated by the OC circulation rate, a fixed amount of oxidized OC is sent to the freeboard-zone for reduction. If the amount of reductive gasses from the fuel reactor is limited by the process conditions, only a fraction of the OC is reduced and the remaining oxidized OC will enter the fluidized bed section. This effectively increases the oxygen content in the fuel reactor for the partial oxidation of methane. As the permeate pressure increases more H2 is available for the reduction of the OC in the freeboard-zone, thereby lowering the effective oxygen content in the FR. This generates an environment where the propensity to carbon formation is enhanced by methane decomposition, resulting in carbon deposition on the catalyst. This will not only deactivate the catalyst but will also produce CO2 in the AR, which is emitted via the depleted air stream, lowering the CCR of the MA-CLR plant. As the permeate pressure is further increased, more H2 is available as less product can be recovered due to the lower driving force across the membranes. This results in a system where all OC is reduced in the freeboard zone and a large H2 content is present in the FR preventing methane decomposition. However, due to the large excess of H2 leaving the reactor, the CO2-rich product stream from the fuel reactor will contain large amounts of H2. Separate from the CO2 purity constraint, the H2 in the offgas is not utilized for either heat export or captured as product, therefor lowering the overall energy efficiency of the MA-CLR plant. From an H&MB and thermodynamic perspective a low permeate pressure is preferred. In the next section a similar analysis is performed for the MA-SER plant with respect to material selection, carbon formation, thermodynamic analysis and a sensitivity study on the H&MB integrated network.
CARBON FORMATION IN THE MA-SER PROCESS
Just like the thermodynamic analysis conducted for stable carbon formation in MA-CLR and MA-SMR processes, the stable carbon formation regime shift towards higher H2O/CH4 ratios is also observed when H2 is removed in situ for the MA-SER process. This effect is represented in Figures 8A, B as a function of temperature, pressure, HRF and H2O/CH4 for the MA-SER process using CaO as sorbent. However, in this case the carbon is effectively removed in the form of CO2 through the carbonation reaction with CaO, unlike MA-SMR and MA-CLR processes where the carbon content in the system increases. The removal of CO2 results in a reduction of the carbon content as the presence of lower amounts of gaseous CH4 and CO is observed, required for the MD and rB reaction to be prevalent. This ensures that the minimum H2O/CH4 ratios for stoichiometric conversion using combined SMR and WGS reactions are never exceeded, regardless of temperature and pressure. Therefore, there is no need to consider for a minimum H2O/CH4 ratio when evaluating of the MA-SER process with regards to carbon formation. Similar to the MA-CLR process, a preliminary thermodynamic analysis is conducted on the MA-SER system to examine the impact of H2O/CH4 ratio, pressure, and temperature on the optimal operating conditions for the plant in relation to YH2 and CCR.
[image: Figure 8]FIGURE 8 | (A) Effect of hydrogen removal in situ on the shift of stable carbon formation regime, expressed in H2O/CH4 ratio, evaluated at 1.0 bar pressure and (B) 10 bar. (-) MA-SMR process and (--) for MA-SER process boundary for stable carbon formation. Shaded area is representative of stoichiometric H2O/CH4 ratio of 2:1 for maximum hydrogen yield without thermodynamic limitations.
First, the effects of temperature, pressure and H2O/CH4 ratio on the KPIs of the standard SER process are evaluated. Based on equilibrium data for the carbonation/calcination reaction shown in Figure 9A, it can be concluded that the CO2 partial pressure for calcination is unaffected by the reactor pressure, which is the same for the reformer (REF) and regenerator (REG) reactors. Therefore, to operate the REG reactor and reduce the partial pressure of CO2 for calcination to occur, the REG temperature needs to be increased and/or a larger amount of steam as carrier gas has to be used as feedstock. However, this would result in an increased amount of H2 being sent to the burner to heat up the H2O to the regenerator and the solids, effectively reducing the hydrogen yield. Another factor that significantly affects the equilibrium composition of the reformer reactor is the H2O/CH4 ratio, as shown in Figure 9B. Increasing the steam excess leads to higher methane conversion, as per Le Chatelier’s principle, which shifts the equilibrium composition towards greater H2 production. It should be noted that due to the excess steam in the feedstock, a lower partial pressure of H2 is obtained in the reformer, which affects the driving force across the membrane for in situ product extraction. With regard to the REF temperature, two regimes can be distinguished. At low REF temperatures, the selectivity of H2O favors thermodynamically the hydration of CaO (R8) compared to the reforming of CH4 through the SMR reaction and the carbonation of the formed CO2 in the process (R7), as shown in Figure 10A. Consequently, a decline in CCR is observed as the temperature decreases, starting from 500°C. This effect is more pronounced at higher H2O/CH4 ratios and higher HRFs in the case of the MA-SER process, due to the increase in the partial pressure of H2O caused by excess steam that is unable to react and/or the removal of products. At higher temperatures, the increase in the equilibrium partial pressure of CO2 for the carbonation reaction results in a lower CCR, as less CO2 in the reformate can be captured by the CaO.
[image: Figure 9]FIGURE 9 | (A) Partial pressure at thermodynamic equilibrium for carbonation/calcination reaction with CaO (red) and hydration/dehydration reaction (blue) as function of operation temperature. (B) Effect of H2O/CH4 ratio on CCR and hydrogen fraction at equilibrium for reference SER process at 1.0 bar pressure. At the right domain from (o) zero Ca[OH]2 is present in equilibrium mixture.
[image: Figure 10]FIGURE 10 | (A) Effect of reformer temperature and HRF on CCR for (MA-)SER reactor for H2O/CH4 = 3.0, pR = 1.0 bara. (o) zero Ca[OH]2 formation (B) Effect of reformer temperature on the dry product composition of SER for H2O/CH4 = 4.0 and pR = 1.0 bara.
Considering these factors, a base case is defined for the MA-SER plant analysis with Tref = 600°C, pR = 1.0 bar, H2O/CH4 = 3.0 and CaO/CH4 = 1.0. The design specifications for the MA-SER plant will be discussed in the following section.
The H&MB integrated system of the MA-SER process for this study is presented in Figure 11. Similar to the MA-CLR process, a set of design specifications is implemented to limit the number of free variables in the system and constrain the operation window. These design specifications are listed in In Supplementary Appendix SB the composition, temperature and pressure of the individual streams, indicated by the stream number in Figure 11, are presented for the basecase of the MA-SER process in this study.
[image: Figure 11]FIGURE 11 | M&HB integrated network of the MA-SER plant for hydrogen production.
Table 10, and discussed below:
1. The inlet H2O/CH4 ratio for the REF reactor is determined by a stream that combines fresh H2O feed and the recycle stream obtained from steam condensation, produced as a result of fuel combustion in the burner and excess feed. Depending on the recycle stream flow rate the fresh H2O feed is adjusted accordingly to meet the desired criteria.
2. In the case of integrated membranes, a driving force is required to extract hydrogen from the reformate stream in the REF reactor in situ. To maintain a significant driving force throughout the reactor, the permeate pressure is set to be 0.1 bar lower than the hydrogen partial pressure at the outlet of the REF reactor.
3. To achieve a lower regeneration temperature for the calcination of the sorbent, a stream of steam is introduced to lower the partial pressure of the CO2 in the regenerator reactor. This steam is recovered after condensation in a steam cycle. The steam inlet to the regenerator is adjusted to achieve a 50/50 CO2/H2O molar composition at the outlet of the regenerator reactor.
4. The design operating conditions for the regenerator and the choice of a steam cycle are finalized by lowering the regenerator temperature. The temperature is determined solely based on the reactor pressure and is calculated using the Baker equation. To operate with a potential difference for the calcination reaction, a temperature difference of +Δ10°C is used. The Baker equation, which describes the CO2 equilibrium, is presented below (Baker et al., 2013):
TABLE 10 | Design specs for MA-SER plant in ASPEN Plus.
[image: Table 10][image: FX 1]
5. In the regenerator reactor, a highly endothermic calcination reaction takes place at high temperature to release CO2 from the sorbent. To minimize the amount of excess hydrogen required to reach such high temperatures and improve the overall process efficiency, the burner temperature is set to be 20°C higher than the regenerator temperature.
6. The burner is supplied with excess oxygen to ensure efficient combustion of the retentate gas from the REF reactor, which contains reductive gases such as H2, CO, and CH4. The excess oxygen level is maintained at 20% above the stoichiometric amount required for complete combustion by adjusting the air inlet to the burner.
In Supplementary Appendix SB the composition, temperature and pressure of the individual streams, indicated by the stream number in Figure 11, are presented for the basecase of the MA-SER process in this study.
Sensitivity analysis MA-SER process
In the preliminary analysis, it was determined that the effect of reformer temperature, retentate pressure, and HRF significantly impact the performance of the plant. The reformer temperature can be regulated by the balancing the steam export in relation to the HRF. The retentate pressure is a variable that can be adjusted within the system. Additionally, the CaO utilization is a factor related to the efficiency of energy integration, as it is linked to reaction rate of the gas-solid reaction and associated heat consumption in the system.
An increase in the REF temperature has a negative effect on the CCR, as can be observed in Figure 12A. From a thermodynamic perspective the equilibrium partial pressure of CO2 in the REF increases with temperature, reducing the amount of CO2 reacting with CaO. When focusing on the energy integration of the system, a lower temperature difference between the REF and REG reactor results in a lower heat demand from the burner to the heat up the solids. This reduces the amount of fuel needed in the burner leading to an increase in the achieved YH2. A secondary effect of reducing the temperature difference between the reactors is the decrease in the amount of high-temperature energy required to heat streams to their desired high temperatures. This results in a lower demand for excess energy, which would otherwise be exported in the form of LP steam. This is reflected in Figure 12B where a slight increase in electricity import can be seen at higher reformer temperatures due to a significant increase in the hydrogen yield.
[image: Figure 12]FIGURE 12 | Effect of operation parameters on the MA-SER performance indicators (A, B) Reformer temperature (C, D) Retentate pressure (E, F) sorbent circulation rate compared to the base case of Tref = 600°C, pR = 1.0 bar, H2O/CH4 = 3.0 and CaO/CH4 = 1.0.
In the second case, the effect of the pressure in the MA-SER system is investigated. From a thermodynamic perspective, the pressure has three main effects on the MA-SER process: (1) At higher pressures, the CO2 gas fraction in the REF reactor can be lower, effectively increasing the CCR while recovering H2 from the reformate stream. (2) The negative effect of pressure on the SMR reaction in the REF reactor is suppressed by the in situ removal of H2. This results in an overall higher CCR, as presented in Figure 12C. (3) However, the higher pressure in the REG reactor requires a significantly higher calcination temperature to liberate the CO2 from the sorbent, as shown in Figure 12D. The effect of pressure is reflected in the energy demand of the plant and the product distribution between hydrogen as product and as fuel (YH2 vs. [image: image]). With an increase in high-temperature heat demand to heat up the solids, a large excess of high-temperature heat is generated in the plant without the ability to utilize this stream in other parts of the plant. Thus, to improve the energy efficiency of the plant, the excess heat is used to produce LP steam and exported, as depicted in Figure 12D. As more H2 is sent to the burner at higher REG temperatures, a larger amount of hydrogen is used as fuel compared to the amount obtained as product. This is evident in the negative trend of YH2 and the positive trend in [image: image] in Figure 12C.
Considering economic motivations, an increase in pressure has implications for both OPEX and CAPEX. Due to the higher operating temperature and pressure in the REF reactor, it is necessary to carefully select suitable building materials that can withstand oxidative conditions. While the REF reactor benefits from the increase in operation pressure, the REG reactor faces challenges in terms of design and operation under these conditions. Increasing the pressure results in a higher flux for the membranes in the REF reactor, decreasing the required membrane area. This, in turn, leads to a decrease in the size of the reactors and equipment, as the volumetric flow rate of gasses is reduced. However, it is important to strike a balance between the desired product distribution (YH2, CCR, and [image: image]) and equipment costs in order to achieve an optimal H2 cost. Both factors should be considered in the overall economic analysis of the MA-SER system.
One of the main parameters in the design of the MA-SER hydrogen plant is the sorbent utilization in the reformer reactor. From both thermodynamic and plant performance perspectives, a CaO/CH4 ratio of 1.0 is considered desirable. This means that all sorbent material introduced facilitates in the capture of the CO2 produced in situ. When the CaO/CH4 ratio is increased, it leads to an increase in the solids circulation rate between the reformer and regenerator, resulting in a heat sink in the process. As more solid material is sent from a low temperature REF reactor to the REG reactor operated at high temperature, a higher heat demand for heating excess material is required without the benefit of capturing more CO2 in the process. This extra energy demand for the solid material is supplied by the burner. This extra thermal energy demand is acquired by sending more H2 to the burner, reducing the overall hydrogen production yield. This effect is shown in Figures 12E, F. The excess hydrogen which is converted into high temperature heat is recovered using heat exchangers and is exported as steam, which is reflected by the equivalent hydrogen efficiency and also by the fraction energy export steam vs. hydrogen product.
As described in the introduction, two different rate limiting mechanisms are present during the carbonation of the CaO grains. At higher sorbent conversions, the carbonation reaction rate becomes diffusion limited, meaning that the carbonation reaction is significantly reduced. On the other hand, operating the reformer reactor at the kinetically reaction rate limiting regime requires a lower sorbent conversion, which can be accomplished by increasing the solids circulation rate and consequently increasing the CaO/CH4 feed ratio. This trade-off between reactor size and hydrogen yield requires further investigation to determine the optimal hydrogen cost using a techno-economic analysis. To improve the process, the kinetically limited regime must be extended as much as possible by improving the chemical- and structural properties of the sorbent.
In the next section, the optimal operation conditions for both MA-SER and MA-CLR processes are compared to evaluate the benefits of each process depending on the desired optimal performance indicator. The optimal process conditions for the MA-SER process are selected and compared to the those for the MA-CLR plant.
MA-CLR AND MA-SER PERFORMANCE COMPARISON
The evaluation of the best cases for both the MA-CLR and MA-SER hydrogen plants is presented in Table 11. Examining the key performance indicators, YH2 and CCR, it is evident that the MA-CLR process achieves a significantly higher hydrogen yield compared to the optimal operation conditions of the MA-SER system. This discrepancy can be attributed to the balance created in the MA-SER process between the amount of H2 used as fuel in the burner and the amount recovered as chemical product. In contrast, the MA-CLR process utilizes hydrogen as a reducing agent for the OC in the freeboard zone. This distinction is reflected in the fraction of energy export in the form of LP steam, which is higher for the MA-SER process compared to the energy potential in the hydrogen product stream. Reducing the temperature difference between the REF and REG reactors improves energy management, as less energy is required to heat up the solids. However, increasing the pressure in the reactors necessitates a higher REG temperature to liberate CO2 for the calcination reaction to occur. One advantage of the MA-SER process over to the MA-CLR process is the quality of the CO2 product stream. In the MA-CLR process, the CO2-rich stream contains traces of reformate gasses, whereas in theory, the MA-SER process yields a purer CO2 stream after moisture removal. However, in the MA-SER process, direct CO2 emissions to the environment are a result of the process design, while in the MA-CLR process, the carbon stream is enclosed, preventing emissions.
TABLE 11 | Comparison of optimal operation conditions for MA-SER and MA-CLR hydrogen plant based and corresponding performance parameters for H&MB integrated systems.
[image: Table 11]Another key parameter to consider is the equivalent CCR, which takes into account the emission taxes and the energy penalty associated with the CO2 separation from the product streams. Exporting steam provides a positive contribution as the associated CO2 emissions are reduced due to carbon capture in both the MA-SER and MA-CLR processes. However, there is a negative contribution associated with the electricity import, mainly for the use of compressors. It is assumed that methane combustion is used to generate electricity, implying that CO2 emissions are associated with the production at an external location. In the case of the MA-SER plant, the relatively high electricity consumption, compared to the MA-CLR process, is a result of the significant number of pressure manipulations required in the process. The CO2 emissions related to the significant electricity import is partially offset by the export of LP steam. It can be concluded from the fraction of energy import/export that the MA-CLR is more energy integral compared to the MA-SER plant, and thus less dependent on external energy infrastructure and suitable in locations with constraints on energy availability.
OUTLOOK ON THE MA-SER AND MA-CLR TECHNO-ECONOMIC EVALUATION INCLUDING CAPEX PARAMETERS AND DIMENSIONING OF EQUIPMENT
The plant design and commissioning is not only based on the optimal KPIs discussed in the previous section, which is mostly focused on OPEX derived parameters. To evaluate the optimal hydrogen production capacity, based on the hydrogen market demand and price, the selection of material and dimensioning of the equipment the CAPEX KPIs must be included. These KPIs are related to upfront investment in design-, construction- and installment cost, initial material- and equipment cost and depreciation of equipment. CAPEX KPIs that must be included in the techno-economic evaluation must include but are not limited by: return of investment, utilization rate and the depreciation of assets.
One of the major aspect, based on the desired production capacity, is the dimensioning of the reactors and the auxiliaries. The dual fluidized bed membrane reactor models for describing the MA-SER and MA-CLR process used in this study are based on thermodynamic equilibrium and do not include the complexity of hydrodynamic interactions or mass- and heat transfer limitations. Also the mechanical- and chemical degradation of the solid material due to fluidization and transfer between the reactors operating at different conditions are not included. This negatively affects the reaction rate kinetics over time and also the fluidized bed behavior due to the particle size distribution shift trough particle abrasion if not mitigated by a sufficient material renewal rate and the removal of spend material. With respect to the membranes it must be noted that multiple factors are affecting the performance based on the selected operation conditions and geometry. These are affecting the local membrane permeate flux, resulting from a combination of mass transfer limiting steps; such as competitive adsorption on the membrane surface, concentration polarization due to limited H2 diffusion from the gas phase to the membrane surface and/or bypass of bubbles through preferential flow pathing through the membrane submerged manifold. In particular the hydrodynamic interaction of suspended membranes in a fluidized bed must be properly assessed. To dimension the fluidized bed reactors adequately a phenomenological model (Kunii, 2001) or a two fluid model (TFM) (Helmi et al., 2018) can be used. These models included the effects of reaction kinetics and hydrodynamic interactions of gas-solid systems on both heat- and mass transfer. This can be used to identify the rate limiting step and optimize the design. In addition to CLR and SER kinetics the MD, rB reaction kinetics can be incorporated to ensure that carbon formation at localized conditions is prevented. This model and resulting process streams can be used as input to improve on the H&MB integrated network for further optimization.
CONCLUSION AND RECOMMENDATIONS
A thorough analysis was conducted on the performance of MA-SER and MA-CLR plants for hydrogen production. The preliminary thermodynamic analysis focused on the impact of in situ hydrogen removal on the shift in the stable carbon formation regime shift for the MA-SMR, MA-CLR and MA-SER processes under various operating conditions, including reactor temperature, pressure, H2O/CH4 ratios, and HRF. The findings revealed that selectively removing hydrogen in situ as a reductive gas enhances the propensity for carbon formation at lower reforming temperatures in both the MA-SMR and MA-CLR processes. This surpassed the stoichiometric H2O/CH4 ratio for MA-SMR process and the autothermal conditions required for ideal conditions in the MA-CLR process. In the case of the MA-SER process, carbon removal in the form of CO2 through the continuous carbonation reaction with CaO led to a shift in the carbon formation regime below the stoichiometric ratio of H2O/CH4 = 2.0 under all considered operating conditions.
To facilitate a comparison between the two processes, which are capable of operating under different operation conditions, performance indicators relating to mass and energy utilization are defined. The critical performance indicators include CCR, YH2 and [image: image]. Both the MA-CLR and MA-SER processes are simulated using ASPEN® Plus V10, and a sensitivity study is conducted based on the preliminary analysis and process description. Additionally, the impact of operating conditions on the techno-economic aspect is thoroughly discussed. This analysis aims to provide a comprehensive understanding of the motivation behind studying these specific effects and their influence on the plant design and hydrogen cost.
The base case for the MA-CLR process involves the following parameters: [image: image]. The effects of the fuel reactor temperature, reactor pressure and permeate pressure were investigated. Increasing the fuel reactor temperature has two notable effects. The temperature range can be divided into two domains: an unstable region below 550°C where carbon formation is thermodynamically favored, and a stable operating regime above this temperature. When the FR temperature is increased from 600°C to 800°C, the YH2 and CCR decrease slightly from 0.744 to 0.998 to 0.734 & 0.997, respectively. Therefore, it can be concluded that the effect of FR temperature does not significantly affect the primary performance indicators above a critical temperature. However, it is important to note that as the FR temperature increases, the AR temperature also increases, which affects the quality of the CO2-rich stream with respect to trace amounts of CH4, CO and H2. The reactor pressure does not have a significant effect on the performance indicators of the MA-CLR plant. This is because the reactions in the FR and AR with respect to the OC are irreversible. Increase the pressure from 20 to 60 bar leads to a minor decrease in YH2 of 0.744 to 0.740, while the CCR remains constant at 0.998. The effect of reactor pressure will be represented in the sizing of the reactor, membrane and auxiliary equipment. The permeate pressure is a free variable in the system as this controls the amount of (partial) reduction of the OC in the FBZ, controlling the amount of oxygen content entering the FR available for the catalytic reforming. A permeate pressure below 1.5 bar is required to operate in a regime with sufficient oxygen content in the FR to prevent stable carbon formation on the OC.
The base case for the MA-SER process is [image: image], [image: image] and the effect of reformer reactor temperature, reactor pressure and solid circulation rate is investigated in the sensitivity analysis. Increase of the reformer temperature has two significant effects, it lowers the CCR as the equilibrium partial pressure for carbonation is increased but also reduces the temperature difference between the reformer and regenerator reactor. This reduces the energy demand for the burner to heat-up the solids from the reformer to the regenerator in order to perform the calcination reaction. There for less hydrogen has to be send to the burner, for the effectively induced heat-sink, and increases the hydrogen yield. From a techno-economic perspective it must be considered that a lower reformer temperature results in lower catalytic and gas-solid kinetics, increasing the required reactor size for the same feedstock. Increasing the REF temperature from 600°C to 700°C reduces the CCR significantly from 0.985 to 0.837 at an increasing YH2 from 0.697 to 0.736. Increase of the reactor pressure contributes to benefits for the REF reactor with respect to increased membrane flux, lower CO2 content in the reformate and smaller reactor size while introducing limitations in the REG reactor with respect to the liberation of CO2 due to increased calcination temperature. An increase of high temperature heat demand for the heat-up of the solids, a large excess of high value high temperature heat is present without the ability to utilize this stream in other sections of the plant. Therefor to increase the energy efficiency of the plant the excess heat is used to produce MP to LP steam and exported. This effect is represented in the YH2 and [image: image] when increasing the reactor pressure from 1.0 to 10 bar, being 0.697 and 0.627 to 0.629 and 0.726 respectively while the CCR not significantly affected, from 0.985 to 0.957. The effect of sorbent utilization is investigated with respect to the performance indicators due to the implication of sorbent kinetics. The sorbent is affected by the conversion of the CaO grains, changing from a fast surface reaction kinetics at low conversion to a slow carbonation rate determined by the ion diffusion rate limited regime at high conversions. Increasing the CaO/CH4 ratio effectively increasing the solid circulation rate between the reformer and regenerator, generating a heatsink in the process. This extra thermal energy demand is acquired by sending more hydrogen to the burner, reducing the YH2 overall. Increasing the CaO/CH4 feed ratio from 1.0 to 3.0 reduces the YH2 significantly from 0.697 to 0.510 while the CCR is slightly affected, from 0.985 to 0.969.
Comparing the MA-SER and MA-CLR processes based on the M&HB optimal cases it can be concluded that the MA-CLR process outperforms the MA-SER plants on multiple performance indicators. Comparing the YH2 for the best MA-SER case with a comparable CCR the MA-CLR process has a 2.9%–6.2% lower hydrogen yield. This conclusion is further underpinned by the fact that, compared to the overall energy utilization of the plant where hydrogen is seen as energy carrier, to be 62.7%–73.6% at best for the MA-SER process compared to 76.6%–79.1% for the MA-CLR plant. The difference of hydrogen yield for the MA-SER process to the MA-CLR process is explained by the fact that hydrogen is used as fuel in the burner to supply the heat for the endothermic reaction at high temperature in the regenerator reactor compared to oxygen carrier as fuel in the air reactor where hydrogen is used as reductive gas in the freeboard zone and the hot (partially) reduced oxygen carrier is used for the endothermic reforming reaction. This effect is enhanced by using the hot fluegas from the FR for the energy demand in the pre-reformer reactor stage in the MA-CLR process. One of the major benefits of the MA-SER process compared to the MA-CLR process is the purity of the CO2 product stream. In the case of MA-SER the CO2 is theoretically pure compared to the MA-CLR product stream which contains significant amounts of reformate gasses, such as CO, H2 and CH4. Depending on the application of the CO2, a further post-processing step is required for the MA-CLR plant, reducing the plant energy efficiency. It must be noted that the success for deployment for these hydrogen production plants for either one of the processes is fully dependent on the chemical and mechanical stability of (1) the perm-selective membranes and (2) the solids. A phenomenological fluidized bed reactor model or a TFM model, incorporating both hydrodynamic and reaction kinetic effect, can be used to dimension the DFBR and incorporate the predicted process stream for the H&MB design improvement in this study. A techno-economic analysis is required to determine the optimal size and location of the hydrogen plant, centralized or decentralized, and a balance between CCR, YH2 and energy export/import for the minimum hydrogen production cost.
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