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Three different power-to-methane process chains with grid injection in two scales (1 MWel and 6 MWel) were analysed regarding their investment and operation cost. The process chains were based on biological or catalytic bubbling fluidised bed methanation in combination with proton exchange membrane or solid oxide electrolyser cells. A bottom-up techno-economic analysis showed a cost benefit of around 17–19% lower biomethane production cost for the bubbling fluidised bed technology as less than a third of the reactor volumes is required for catalytic methanation. This cost benefit is only given in combination with PEM electrolysis, as the high-temperature electrolyser stacks currently result in high investment cost. Based on electricity cost of 5 €-ct/kWhel and a plant size of 6 MWel, biomethane production cost of 13.95 €-ct./kWh for catalytic and 17.30 €-ct/kWh for biological methanation could be obtained, both including PEM electrolysis. A significant efficiency increase by integrating the heat of catalytic methanation reaction with the high-temperature electrolysis can be achieved; however investment cost have to decrease below 1000 €/kWel to obtain economically feasible production cost of biomethane. Under current economic and technological circumstances, CO2 methanation using the bubbling fluidised bed technology is the most cost effective.
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1 INTRODUCTION
The integration of biomass in the future energy system bears a large potential for the decarbonisation of society. Switzerland’s gas providers agreed on increasing the share of renewable gas in the distribution grid to 30% of the residential heating consumption by 2030 (Schmid and Decurtins, 2018). The largest potential in unused domestic bio-resources is associated with biogas from digestion processes (Thees et al., 2017). In order to make use of this potential, biogas upgrading and utilisation processes on a relatively small scale are necessary. Methanation of such biogenic gases also enables a flexible way of integration and seasonal storage of renewable electricity in the future energy system. The Power-to-Gas technology can provide a large, yet unused potential for such chemical energy storage (Götz et al., 2016; Böhm et al., 2020). The technology allows the coupling between different energy sectors (i.e. electricity, gas, and heat) and has also a large potential in reducing the carbon footprint of the existing gas grid (Kober et al., 2019). The underlying methanation reaction is currently being tested in a variety of lab-scale and demonstration-scale projects (Thema et al., 2019). The technologies investigated involve mostly fixed-bed and biological methanation concepts (Thema et al., 2019).
In previous work, Witte et al. compared the cost structure of catalytic fixed bed and catalytic bubbling fluidised bed (BFB) methanation. It could be shown, that also fluidised bed methanation and subsequent membrane upgrading can provide a cost-efficient way to produce biomethane (Witte et al., 2018b). The maturity of the technology could be demonstrated by stable operation for more than 1,000 h with subsequent grid injection (Witte et al., 2019), but no demonstration project is in operation yet.
While biogas proved to be a cost-efficient carbon source for direct methanation of biogas, any other CO2 source can be used (Witte et al., 2018a; Calbry-Muzyka and Schildhauer, 2020). Direct air capture and similar technologies to obtain CO2 are associated with high cost. However, also waste streams of almost pure CO2 are available and can be used for methanation. These include for example the off-gas streams of conventional biogas upgrading units. The Store&Go demonstration plants make use of different technologies, such as direct air capture, waste-CO2 from a waste water treatment plants, as well as a CO2 stream from a bioethanol plant (Store and Go Project, 2016b). The carbon source, as well as the source of electricity for the electrolysis highly influence the profitability of the overall process, as a higher selling price for biomethane can be achieved by renewable sources (Energie360°, 2021).
Due to the high share in operation cost, the efficiency of the electrolyser technology has a large influence on the overall production cost of the biomethane (Witte et al., 2018a). Alkaline electrolysis (AEL) is the most commonly used technology (Posdziech et al., 2019). Nevertheless, proton exchange membrane (PEM) technology allows for higher current densities and higher operation pressures than conventional alkaline electrolysis. This technology is increasing its industrial maturity and commercial applications are now available on the market. The solid oxide electrolysis cell (SOE) technology is still under development, mainly because stack lifetime issues due to material degradation need to be solved (Posdziech et al., 2019). SOE technology allows an increase of electrolyser efficiency by integration of an external heat source, for example catalytic methanation (Gruber et al., 2018).
This work provides a bottom-up techno-economical evaluation of three different Power-to-Gas (PtG) process chains in two different scales. For each of these processes the size and performance of the main equipment is determined, and its capital and operation costs are evaluated. The study compares the cost structure of the bubble column-based biological methanation and catalytic bubbling fluidised bed methanation. Furthermore, the influence of electrolyser technology and cost is investigated.
2 METHODS
2.1 Process Design
The processes evaluated in this work are divided into two scales corresponding to the electrolyser power of two demonstration projects. The first scale corresponds to the 1 MWel BioCat plant in Avedøre (Denmark), based on biological methanation (Electrochaea.dk ApS, 2014). The second scale refers to the 6 MWel Audi e-gas project in Werlte (Germany), which operates alkaline electrolysers with cooled, fixed-bed methanation reactors (Götz et al., 2016). Furthermore, two methanation technologies are compared, namely bubbling fluidised bed methanation and biological methanation in a stirred bubble column.
As electrolyser technologies, proton exchange membrane, as well as high-temperature electrolysis by solid oxide electrolysis cells are considered. Based on the available electrolysis power and subsequent H2-feed, a CO2 feed stream is calculated according to the respective needs of the methanation technology. For the cases including the SOE technology, the hydrogen output of the electrolyser is kept the same as in the PEM-cases. Therefore, plant costs are comparable to the PEM-BFB case.
An overview on the considered cases is given in Table 1.
TABLE 1 | Power-to-Gas process chains for CO2 methanation considered in this study. The processes abbreviated with a “B” refer to the biological methanation, those abbreviated with “C” to the catalytic case. The numbers indicate the 1 MW and 6 MW-scale respectively. The variations marked with “bg” use biogas as feed instead of pure CO2. The processes based on SOE instead of PEM electrolysis are indicated with “S”.
[image: Table 1]The combination of biological methanation with solid oxide electrolysis is not considered in this work since the temperature level of excess heat from biological methanation is too low for integration with high temperature electrolysis. Such a process would either require the addition of an external high temperature heat source or result in a decreased electrical efficiency of the SOE.
The two catalytic processes were furthermore evaluated for the case of direct methanation of biogas. In this case, the electrolyser power is fixed to the respective CO2-case and a biogas-feed containing the necessary CO2 is provided to the process. The raw biogas is assumed to have a methane content of 60 vol.-%. The cases with biogas as feed are marked with “bg.”
2.1.1 Cases B1 and B6: Biological Methanation With PEM Electrolysis (PEM-Bio)
The process in cases B1 and B6 consist of a biological methanation unit fed by a PEM electrolyser in the 1 MW and 6 MW-scale, as shown in Figure 1. A purified CO2 feed stream is compressed to the operation pressure of the reactor and mixed with hydrogen from the electrolyser. The CO2 feed stream to the plant and the water feed stream to the electrolyser are chosen according to the electrolyser power and the H2/CO2-ratio required in the feed of the reactor. The water feed stream is compressed to the operation pressure of the PEM-electrolyser, which is 30 bar. The valorisation of oxygen produced by the electrolyser is optional, but not part of this work.
[image: Figure 1]FIGURE 1 | Process chain for the biological methanation of CO2.
The feed gas mixture is then pre-heated to the reactor inlet temperature, which is 60°C in the case of biological methanation. As this temperature level is low and temperature differences of the feed gases relatively small compared to the required temperature, no heat exchanger equipment is considered in the upstream part of the plant. Furthermore, the feed gas is injected into a large volume of liquid, which allows for fast adjustment of the temperature.
The biological methanation reactor is a tall continuously stirred tank reactor (CSTR) unit with multiple stirrer stages. The design of the sizing of the unit is given by the data in the work of Inkeri et al. (Inkeri et al., 2018), summarised in Table 2. The rate-based model developed in this study was validated by comparison of model predictions with literature data. The biological methanation kinetics itself are based on the growth of the archaeon Methanobacter thermoautotrophicum obtained from the work of Schill et al. (Schill et al., 1996). The up-scaled reactor system operates at a temperature of 60–65°C.
TABLE 2 | Data used to estimate the performance of the biological methanation system according to Inkeri et al. (Inkeri et al., 2018). The methane production rate was corrected according to Eqs 2, 3.
[image: Table 2]The reactor geometry is fixed for both scales to 1:2:20 for the stirrer diameter ([image: image]), reactor diameter ([image: image]) and reactor height ([image: image]). The stirrer furthermore consists of 10 impeller stages along the height. The study of Inkeri et al. furthermore provides data for the reactor volume ([image: image]), the power required for stirring ([image: image]), the methane product gas flow rate ([image: image]) and the heat production of the reactor system ([image: image]).
In biological methanation, the reaction is catalysed by one or multiple strains of microorganisms. In addition to the suitable temperature and pressure conditions, those organisms also have to be provided with nutrients in order to foster their growth. Therefore, these nutrients are provided as solution to the reactor. To avoid the accumulation of potentially toxic metabolites in the liquid phase, a part of the slurry has to be discarded as wastewater. This wastewater stream furthermore contains the water produced by the methanation reaction according to Eq. 1. To ensure a proper distribution of nutrients and microorganisms along the reactor height, a part of the slurry is pumped from the bottom of the reactor to the top. Inkeri et al. provides a liquid feed rate DL of 0.05 h−1 and a recycle ratio of 0.75, which allows the calculation of the required nutrient feed.
[image: image]
The wastewater flow also contains a small amount of dissolved gases. In order to avoid insufficient CO2 supply at the top of the reactor, 1% excess CO2 is fed to the system (Inkeri et al., 2018). For the calculations, a H2/CO2 ratio of 3.96 is chosen. The methane production rates published by Inkeri et al. are slightly above the stoichiometric possible values. They were corrected for this work by Eqs 2, 3 and listed in Table 2. We assumed that the CO2 is fully dissolved in the liquid phase and the raw biomethane leaving the reactor only contains CH4 and unreacted H2. This assumption can be confirmed by measurements at the Solothurn pilot plant (Huettenrauch et al., 2020).
[image: image]
[image: image]
The hydrogen production rate [image: image] is calculated from the nominal power of the electrolyser [image: image] and its efficiency [image: image]. The efficiency is given by 65%, based on the lower heating value (LHV), a value applying for alkaline as well as PEM technology (Bertuccioli et al., 2014; Witte et al., 2018b; Inkeri et al., 2018).
The product gas stream contains around 98% CH4 and fulfils grid injection limitations. Nevertheless, it is saturated with water and contaminated with volatile metabolites from the biological process. Therefore, a temperature swing adsorption (TSA) process for drying and a sorption step for desulphurization is considered. The TSA consists of two vessels operated alternatingly, one in the main product gas stream in adsorption mode and the other in regeneration mode. The adsorption process occurs at ambient temperature, whereas for desorption the vessel is electrically heated to 200°C and flushed with a part of the dried product gas stream. This water-saturated stream is then fed to a condenser and recompressed to be fed to the main stream again. This procedure allows to regenerate the sorbent without losing product gas or contaminating the product gas with other components, such as air or nitrogen. In the TSA, silica gel is used as a sorbent.
The desulphurisation step consists also of two vessels which are filled with a specialised sorbent for biogas polishing. The first vessel is in operation mode and fed with the main gas stream whereas the second one serves as back up in case of maintenance or sorbent replacement.
The now cleaned and dried biomethane can be expanded to the required pressure and injected to the gas distribution grid.
2.1.2 Cases C1 and C6: Bubbling Fluidised Bed Methanation With PEM Electrolysis (PEM-BFB)
The process consisting of the bubbling fluidised bed methanation is designed as shown in the process flow diagram in Figure 2. It consists of the same upstream equipment as the process in PEM-bio case and is based on a previous study by Witte et al. (Witte et al., 2018b) on direct methanation of biogas. Again, cleaned CO2 and water for electrolysis are fed to the plant and compressed to the operation pressures of the electrolyser and reactor. Hydrogen is mixed to the main CO2 stream. This feed gas has to be pre-heated to the minimal feed temperature of the reactor, which is set to 280°C. This temperature is the minimum useful operation temperature of the nickel-based catalyst. The catalyst has to be protected from contamination with sulphur compounds and subsequent deactivation (Witte et al., 2019). Since biogenic CO2 still contains a small amount of such contaminants a gas polishing step is introduced in the CO2 feed stream (Calbry-Muzyka et al., 2019).
[image: Figure 2]FIGURE 2 | Process chain for bubbling fluidised bed methanation of CO2 using a PEM electrolyser as hydrogen source.
In order to avoid coking and subsequent deactivation of the catalyst, an over-stoichiometric ratio of H2/CO2 of 4.01 is fed to the reactor. The product gas of the reactor is led to a heat exchanger and a condenser, which allow the valorisation of the off gas heat and removal of product water. The heat removed in these units is used to pre-heat the feed streams of CO2 and H2.
The heterogeneous methanation reaction is limited by the thermodynamic equilibrium, which results in hydrogen concentrations of more than 2 vol.-% in the dry product gas. In order to fulfil grid injection limitations, excess H2 has to be removed to allow the use of the biomethane in CNG cars whose tanks are certified for 2% H2 fraction at maximum. As previous work showed, membrane separation can be a cost efficient way to do so (Witte et al., 2018a). We implemented a counter-current hollow fibre membrane upgrading system to obtain full grid compliance. The resulting H2-rich recycle stream, which also contains CH4 and CO2, is fed to the CO2 feed stream before the main compressor. This recycle stream directly influences the gas composition in the reactor feed, which demands an adjustment of the CO2 feed stream in such way that the required H2/CO2 is fulfilled.
2.1.3 Cases C1S and C6S: Bubbling Fluidised Bed Methanation With High Temperature Electrolysis (SOE-BFB)
This case represents a modification of the previous system: the PEM electrolyser is replaced by a high-temperature solid oxide electrolyser system. This allows the comparison of the cost structure, when BFB methanation is combined with an SOE system. Instead of liquid water, steam is used for electrolysis, which allows the provision of heat by an external heat source. The stack itself can be operated at a thermoneutral voltage, where the heat flux from the stack is zero (Giglio et al., 2015). This allows a very high electrical efficiency of the stack, as a part of the energy for the electrolysis is provided by the thermal energy of the steam (Buttler and Spliethoff, 2018). In this study, a stack efficiency [image: image] of 89% (LHV) and a steam conversion efficiency of 90% were assumed (Gruber et al., 2018).
Such SOE systems are under experimental investigation in pilot scale, such as in the Helmeth project (2021). In this project, a hot-box is used to keep the temperature of the stack constant and to allow heat integration between the feed streams and hot product gas streams. Furthermore, this box allows the pressurisation of the sensitive high temperature components and enables an operation pressure up to 15 bar Helmeth project (2021). For this work, a similar design is assumed, where heat exchangers allow the pre-heating of the feed water and superheating of the steam by the product gas streams (H2 + H2O and O2). The heat required for evaporation of the feed water is provided by the off-heat from the methanation reactor.
Instead of scaling this process by the electrical input, the electrolyser was scaled by the same hydrogen output as in the previous cases. This allows a direct comparison of the plant cost structure and indicates the benefits of including a SOE system in the methanation process.
All other process units are designed the same way as in case PEM-BFB.
2.2 Main Models
2.2.1 Bubbling Fluidized Bed Reactor
This work considers an internally cooled, bubbling fluidised bed reactor with a nickel-based methanation catalyst. The model of this unit is based on a pseudo-homogeneous two-phase approach according to Kopyscinski et al. (Kopyscinski et al., 2011), which applies hydrodynamic correlations of freely bubbling fluidised beds. This model was already modified and used in previous studies by Witte et al. (Witte et al., 2018b). A more detailed description can be found in the Supplementary Material.
The reaction kinetics implemented in the reactor model are expressed as Langmuir-Hinshelwood-type rate equations. The kinetics of CO2 methanation are expressed as a water-gas-shift (WGS) reaction coupled with CO methanation as shown in Eqs 4, 5:
[image: image]
[image: image]
The temperature dependence of rate and adsorption coefficients are based on the Arrhenius and Van’t Hoff approach according to Eqs 6, 7:
[image: image]
[image: image]
The values of kinetic parameters are listed in Supplementary Table S1.
Hydrodynamics in the reactor is the second main influence on the performance. This influence is expressed through bubble size correlations, from which bubble rise velocities and the bubble hold-up [image: image] can be determined. These values allow the estimation of the total bubble surface area available for inter-phase mass transfer.
A variety of bubble size correlations exist in literature, but they are only valid for conditions with no heat exchanger internals present in the reactor. Therefore, the bubble growth correlation with the smallest overall bubble size [image: image] by Werther et al. (Werther, 1976) was used in the model and it was further modified by a factor of 0.5 in order to account for the internals present in the reactor that significantly inhibit the bubble growth in the reactor (Maurer et al., 2016; Schillinger et al., 2017).
[image: image]
As shown in Eq. 8, the bubble diameter [image: image] is dependent on the gas velocity [image: image] in the reactor and the gas velocity required for minimal fluidisation of the bed [image: image].
The reactor model is based on the following assumptions:
Steady-state conditions and ideal gas behaviour
No reaction in the bubble phase
Laminar boundary layers around the catalyst particles and influence of pore diffusion are neglected. Therefore, the gas concentration in and on the particles equals the dense phase concentrations.
Radial gas concentrations are neglected
Catalyst deactivation is not considered in the model. The economic analysis includes an annual replacement of the full catalyst load in order to compensate for minor deactivation effects. Field experiments showed that a stable operation of fluidised bed methanation in biogas is possible for more than 1000 h (Calbry-Muzyka et al., 2019; Witte et al., 2019). In order to account for deactivation effects and the additional reactor height needed for particle settling, the reactor height and catalyst mass was multiplied by a design factor of 1.5 prior to cost calculations.
2.2.2 Biological Methanation Reactor
Data published by Inkeri et al. (Inkeri et al., 2018) was used to estimate the process performance in the work presented here. The study chose the scale of well-known demonstration projects for methanation, namely the Danish BioCat project (Electrochaea.dk ApS, 2014), the Audi e-gas project (Specht et al., 2016) in Germany, as well as a large electrolysis plant in Finland, which is not considered in this work. The BioCat project consists of a biological methanation reactor, which is fed by a 1 MWel electrolysis unit. The Audi e-gas project is a pilot plant consisting of a fixed bed methanation reactor in the 3 MWCH4 scale.
The work of Inkeri et al. estimates the gas-liquid mass transfer by a lumped mass transfer coefficient, taking into account the reactor height, stirring energy and stirrer geometry. Furthermore, the influence of physical properties of gas and liquid phase components on the bubble size and subsequently the gas-liquid mass transfer are approximated. This approach, based on simplified fundamental equations describing physical phenomena allows a scale-up of the reactor model.
Inkeri et al. verified the scale-up of their model using estimated dimensions of the plant in Avedøre (Denmark). In the meantime another pilot plant by the same technology was operated in Solothurn (Switzerland) as part of the Store&Go-project (Store and Go Project, 2016b). This plant was designed for a hydrogen input corresponding to a 700 kWel electrolysis unit, which required a vessel volume of around 7 m3. Furthermore, a second biological methanation plant of 2.5 MWel is currently under construction in Switzerland. This plant uses the technology of microbEnergy (microbEnergy GmbH, 2019), which is also based on a stirred bubble column, but makes use of strains of microorganisms already present in the waste water treatment plant. Limited technical information is accessible, but based on the available illustrations, we estimate the reactor size to around 45 m3 (Limeco, 2020). These values indicate that the dimensions given by Inkeri et al. are in a valid range for such systems.
Biological systems, where substantial gas formation occurs in the liquid phase, tend to form large amounts of foam. This foam formation has to be minimised, as it can cause severe problems in the downstream part of the plant. Usually, anti-foaming agents are added to the slurry and technical equipment for de-foaming is used (Store and Go Project, 2016a). These measures are beyond the scope of this work, nevertheless, we assumed an additional 2 m of reactor height for foam protection.
The data used is summarized in Table 2.
2.2.3 Hollow Fibre Gas Separation Membrane
For the gas separation unit required for the removal of excess hydrogen after BFB methanation, a rate-based model from literature was implemented. Makaruk et al. published an algorithm simulating a counter-current hollow fibre membrane (Makaruk and Harasek, 2009). This algorithm is based on an iterative finite difference Gauß–Seidel method. A more detailed description can be found in the Supplementary Material.
The counter-current membrane model is based on the following assumptions:
Ideal gas behaviour
Axial dispersion is neglected
Pressure drop on bore and shell side is neglected
The influence of the gas composition on the permeability is neglected. Therefore, the permeability parameter is set constant.
In this work, a constant value for membrane permeance is introduced, based on the commercial polymer type Matrimid. Permeability data for the relevant species were taken from Zhang et al. (Zhang et al., 2008). Since there was no permeability determined for water, we assumed it to be equal to the permeability of hydrogen. This is justified by other commercial biogas upgrading membranes, which indicate a higher permeability for water than for hydrogen (Evonik Industries AG SEPURAN, 2021). In order to obtain the permeance parameter, the permeability has to be divided by the effective thickness of the separation layer. The actual separation layer is only a fraction of the wall thickness of the membrane fibre and has to be estimated for this case. These thicknesses range from 500 to even less than 100 nm (Baker, 2002). In this work, we assumed the effective thickness to be 100 nm.
2.2.4 Auxiliary Units
For all auxiliary process units, short-cut models are used, which are based on correlations (Witte et al., 2018b).
For the PEM electrolysers, a specific electricity consumption of 4.6 kWh/m3 (H2, NTP) is considered, which is an average value for PEM and alkaline technology (Buttler and Spliethoff, 2018). This value corresponds to an efficiency of 65% (LHV). The data used to calculate the stack performance of SOE is given in Table 3.
TABLE 3 | Input parameters for the bubbling fluidised bed-based processes for CO2 methanation, including the parameters for the sub-systems reactor, membrane upgrading and electrolyser.
[image: Table 3]The TSA unit is based on a zeolite sorbent with a maximum capacity of 0.15 kgH2O/kgsorbent. A cycle time of 8 h and a regeneration temperature of 200°C is assumed.
For the desulphurisation after the biological methanation and in the feed of the BFB methanation, we assume an inlet concentration of 50 ppm H2S. Vessel size calculations are based on a conservative maximum load of 7 wt.-% H2S on the sorbent. Further data is based on the commercially available sorbent Sulfatrap R7 (Calbry-Muzyka et al., 2019).
Pumps and compressors are based on thermodynamic correlations, with an electrical efficiency of 0.8.
The heat exchanger equipment was sized based on heat transfer coefficients available as correlations for different systems (Ulrich and Vasudevan, 2004). The exchangers are assumed to be shell and tube systems in counter-current operation.
All volumetric flow rates reported in this work refer to standard conditions at 1 atm and 0°C according to DIN 1343 (DIN, 1990).
2.3 Cost Calculations
The comparison of the cost structure of the three processes is performed by determining the operational cost (OPEX) and capital cost. Based on the technical performance and size of the units, cost functions for the units are applied, which were obtained from Ulrich and Vasudevan (Ulrich and Vasudevan, 2004) and already part of previous work (Witte et al., 2018a). These functions have the following structure:
[image: image]
The bare module cost [image: image] consists of the purchased equipment cost [image: image], which is multiplied by a bare module factor [image: image]. This factor is a function of the material factor [image: image] and the pressure factor [image: image], which are given in literature and consider the cost increase by the use of special materials and elevated pressures. The accuracy of such cost evaluations is within the range of ±20% (Ulrich and Vasudevan, 2004).
In order to obtain the investment cost [image: image] for a unit [image: image], the cost for piping, instrumentation and further surrounding equipment have to be considered. Such costs are approximated by a factor of the bare module cost, as shown in Eq. 10. The plant cost factors [image: image] considered in this work are summarised in Supplementary Table S2 (Garrett, 1989; Witte et al., 2018a).
[image: image]
The investment cost also include a factor FCEPCI, which quantifies the cost increase of equipment (Ulrich and Vasudevan, 2004) according to Eq. 11. It consists of the Chemical Engineering plant cost index (CEPCI, I2019), listed in Supplementary Table S3. The reference value Iref(2004) was 400 in 2004 (Ulrich and Vasudevan, 2004).
[image: image]
The annualised capital expenses (CAPEX, [image: image]) are calculated, based on the annual interest rate [image: image] and the plant lifetime [image: image], both shown in Supplementary Table S3:
[image: image]
The cost for the nutrient solution for biological methanation was estimated based on a total nutrient concentration of 2 g/L of slurry (Rachbauer et al., 2016; Rusmanis et al., 2019). In case of an artificial nutrient solution fed to the reactor, this growth medium has to be mixed from a variety of chemicals at an estimated cost of around 20 €/kg. We therefore estimate the cost for growth media provision to around 40 €/m3. Alternatively, the reactor can also be supplied with digester efflux, which provides all necessary nutrients (Ullrich and Lemmer, 2019). Nevertheless, also the integration of such a waste stream and its conditioning is associated with certain costs, which may be in a similar range as shown above.
For the membrane unit, a module geometry of 1 m length and 4″ diameter is considered. This corresponds to a commercial biogas upgrading membrane. A 2″ version of such a module was tested in previous work for its capability for hydrogen recycle in Power-to-Gas applications (Gantenbein et al., 2021). The separation area of this module was estimated to be around 65.12 m2, which corresponds to a fourfold area of the 2” module (Witte, 2018). The module consists of a cartridge fixed into a tubular, pressure-resistant case, which itself provides all the connections to the plant. The cartridge contains the hollow fibres and is sealed with a resin. Due to ageing effects, the cartridges have to be replaced after a certain time interval. The replacement cost were obtained from Ulrich and Vasudevan (Ulrich and Vasudevan, 2004), which indicate 50 $/m2 in 2004. As the cartridges also maintain pressure and require specialised sealing, we assumed a twice as high cost for the membrane material. Considering the CEPCI, this cost is 126 €/m2, which is in a similar range as a quote obtained by a supplier. This cost refers to the replacement cost of the membrane cartridge, which does not include further installations. We consider this replacement cost as operational expenses, analogously to sorbent and catalyst replacement cost. For the initial installation cost of the membrane modules, we consider the same amount, but include also the plant cost factors.
For the two methanation reactor types, a detailed cost analysis was performed, based on the reactor vessel itself, as well as the auxiliary units required for operation and heat utilisation. For the fluidised bed system, this includes the cooling cycle, the internal heat transfer tubes and a vessel for catalyst activation as already used by Witte et al. (Witte et al., 2018a). The biological system also includes an external cooling system, internal cooling coils, which also serve as baffles, as well as the multi-stage stirring system.
3 RESULTS AND DISCUSSION
All process options evaluated produce biomethane which is ready for grid injection at a level of 10 bar (absolute). The input parameters were taken from the publication of Inkeri et al. (Inkeri et al., 2018) in the case of biological methanation, or based on previous work of Witte et al. (Witte et al., 2018b; 2018a) for BFB methanation. Compared to the earlier studies, the input parameters for the BFB cases were slightly modified to result in a process which is comparable to the biological one. These were namely the BFB reactor temperature (360°C) and the system pressure (10 bar). Nevertheless they are in a comparable range to the optimal conditions reported by Witte et al. A summary of the input parameters for the process simulations can be found in Table 3. The values obtained from the process simulation are given in Table 4; Supplementary Table S4. Based on these parameters, further cost analysis was performed.
TABLE 4 | Technical data for the considered processes. The processes marked with “bg” are operated using biogas as feed.
[image: Table 4]For each process, investment cost, operation cost and revenues from gas and heat sales are determined. The costs are grouped according to system compartments. The H2-path contains the electrolyser and required water feed. In the main reactor section, the main vessel is considered as well as all units and heat exchanger equipment, which are required to remove the reaction heat. In the case of biological methanation, this also includes the stirrer. Membrane upgrading is required to ensure grid injection compliance and is only needed in the case of BFB methanation. The membrane upgrading also removes water, which replaces TSA drying in the BFB cases. As supporting modules, the units required for grid injection are considered, i.e. process analytics and gas odorisation. These units are assumed to be independent of methanation technology and scale. The cost for external heat exchanger equipment considers the equipment required for heat integration between feed gas and product gas (condenser). In the case of high temperature electrolysis, this also includes the heat exchangers required to recover the off-heat of the SOE stack and pre-heat feed steam. For the biogas cases, a water evaporator is considered to add steam to the feed gas. This steam is required to reduce catalyst stress due to the high methane content.
3.1 Heat Integration
The high-temperature BFB methanation processes presented here allow two ways of heat utilisation: The pre-heating of the feed gases using the off-heat of the water condenser and in the case of high-temperature electrolysis the steam generation via the use of off-heat from the reactor. The second option was justified via pinch point analysis, as shown in Supplementary Figure S1. The cold streams (blue) correspond to the heat requirement of the feed water to the electrolyser. Water enters the plant at 20°C and is heated to 193°C, which corresponds to the vaporisation temperature at the operation pressure of 15 bara. The heat requirement in the evaporator is indicated by the horizontal part. The steam is then superheated to the operation temperature of the electrolyser. The last 50 K of temperature increase have to be provided by an electrical heater, whose energy demand is indicated by a horizontal shift of the curves. This point also corresponds to the minimal temperature approach of the hot and cold streams, which was set to 50 K. The hot streams correspond to the combined heat provision by the product gas streams from the electrolyser (hydrogen and oxygen). Specialised heat exchanger equipment is necessary to valorise the heat of both gases efficiently. Concepts for such equipment are under development (Flaviana et al., 2016).
The hot streams (red) correspond to the product gas streams cooled to 60°C. In the first step, the hot product gases are cooled to 287°C, where the freed enthalpy is used to superheat the incoming steam to 750°C. The reactor provides heat at a temperature level of 287°C, which is sufficient in quality and quantity to provide heat to the evaporator. Subsequently, the product gases are further cooled by the incoming water feed. Part of the steam remains in the hydrogen product gas, as it is not fully converted in the electrolyser. This steam is condensed at a temperature level of 193°C, visible as small horizontal part in the hot composite curve (red). The remaining cooling duty can be provided by air cooling, which is not further discussed in this work.
The reactor analysed in this work is cooled by a thermo-oil system and internal heat exchangers. This cooling system is directly connected to the evaporator providing an efficient heat transfer. The remaining heat after the water evaporation can be further utilised at a temperature level of around 280°C. Other concepts combining fixed bed methanation with high-temperature electrolysis make use of direct, internal steam generation in the reactor (Giglio et al., 2018; Dannesboe et al., 2020). In order to provide an efficient heat transfer, the water has to be kept in a boiling state. Depending on the reactor temperature, this requires high operation pressures, which increases equipment cost substantially and decreases cost efficiency.
As shown in this pinch point analysis, the heat provided by the off-gas streams and the reactor is sufficient to produce and superheat the steam required for the high-temperature electrolysis. Additional electrical heating is necessary to reach isothermal conditions in the stack. Nevertheless, the corresponding electrical energy demand represents only a small share of the total electrolyser power.
3.2 Investment Cost
As shown in previous work (Witte et al., 2018a), the investment cost of Power-to-Gas systems are highly dominated by the electrolyser cost. The cases considered in this work are shown in Figures 3, 4 and summarised in Supplementary Table S5. The hydrogen path contributes to at least 50% of the total cost in case of 1 MW biological methanation, and to up to 92% in the case of BFB methanation with 6 MWeq SOE. This extreme originates mainly in the high assumed cost for the SOE stack in the base-case. Nevertheless, even in the case of a commercial PEM electrolyser, the cost share amounts to 69% in the 1 MW and 86% in the 6 MW scale.
[image: Figure 3]FIGURE 3 | Investment cost structure in the 1 MWel cases. The left hand side shows the total investment cost including the H2-path, the right side shows the cost structure of the methanation equipment only.
[image: Figure 4]FIGURE 4 | Cost structure of the 6 MWeq cases, including the H2-path (left) and focused on the methanation equipment only (right).
When a Power-to-Gas plant is in planning, two main considerations can be identified: An overall cost analysis for a newly installed plant, or a retrofit project, where the decision between methanation technologies has to be taken. In the first case, the hydrogen path has to be included in the considerations. For the second case, as the hydrogen path is identical for all methanation technologies, it can be excluded from the consideration. In some of these cases, existing electrolyser units are retrofitted with PtG equipment. It is therefore important to compare technologies based on total investment cost, as well as only based on methanation equipment cost.
The second-largest share of investment cost is the reactor vessel itself. As shown in previous work (Inkeri et al., 2018) and pilot plant projects, biological methanation requires a large reactor volume to produce utility-scale biomethane. This is also represented in the data discussed in this work, as for the operation with pressurised hydrogen and potentially corrosive slurries, i.e. CO2 dissolved in water, a pressure resistant stainless steel tank is required. Although BFB methanation needs a smaller reactor volume, it also requires pressure and corrosion resistance at high temperatures. Nevertheless, mainly due to the size difference, the investment cost for the BFB vessel is less than a third of the cost of the bioreactor.
The data provided by the simulations of Inkeri et al. indicate a methane evolution rate of 168 vvd in the 1 MW case and 70 vvd in the 6 MW case, based on the reactor sizes given in Table 2. Other biological reactor concepts are available and under investigation (Rusmanis et al., 2019). For fixed film reactors, which include trickle bed reactors, the projects reported by Rusmanis et al. show an average methane evolution rate of around 18 vvd (Rusmanis et al., 2019). Compared to the total methane formation in CSTR systems, such rates would result in large vessel sizes. Even though these reactors are operated at atmospheric pressure, such volumes will result in high investment cost for the main reactor, exceeding the system considered in this study. The demonstration project ORBIT is a trickle bed reactor operated at pressures up to 12 bar, but also here, a methane formation rate of only 8.4 vvd is reported (Thema et al., 2021). This indicates that further development towards higher methane formation rates is necessary.
For catalytic BFB methanation, a larger main compressor is required than for biological methanation, since the membrane upgrading unit creates a recycle stream, which increases compression duty.
A further cost factor in the BFB-based processes is the heat exchanger equipment required for utilisation of the product gas stream and subsequent integration with the feed gas stream. This cost is not considered in the bioreactor, since the latter is operated at a low temperature level, which results in a low water content in the product gas. In the case with SOE electrolysis, more exchangers are required for heat management in the electrolyser. In the 1 MW-case, this doubles the cost for heat exchanger equipment compared to the PEM-BFB case, for the 6 MW-case this results even in a three-fold increase.
In addition to the CO2 base cases, the process was furthermore simulated using biogas as carbon source. The feed stream was adjusted to match the CO2 content with the electrolyser power. This results in a 2.5 times higher total feed flow rate than in the pure CO2-cases due to the additional methane. This higher total flow rate causes a cost increase of the supporting units, namely the compressor and desulphurisation. The reactor cost on the other hand is almost not affected. As the absolute amount of CO2 remains identical, the same amount of catalyst is required for the methanation unit. Furthermore, the internal heat exchanger area remains equal, as the same reaction heat has to be dissipated. The gas composition itself has therefore less influence on the reactor dimension and subsequently on the corresponding investment cost than on the supporting units.
Rough estimates for plant scaling are obtained by relating the capacity increase of equipment to the cost increase by an exponential law according to Eq. 13 (Tribe and Alpine, 1986):
[image: image]
Such scaling exponents are obtained for all three processes and listed in Table 5. For the electrolyser we assumed a linear relationship of cost to the rated power, implying that there is no economy of scale applicable. Again, due to the dominance of the expenses for the H2-path, this somewhat conservative assumption has a high influence on the scaling exponent. For the total plant, the exponent is close to unity. When only the methanation plant is considered, the exponent for the biological system is close to 0.6, which is a common rule of thumb value for the scaling of vessels and therefore reflects the dominance of the cost for the reactor vessel. The scaling exponents for the catalytic system are in the range of 0.4–0.5, which implies that there is a strong decrease in specific expenses with increase of the scale.
TABLE 5 | Scaling exponents for the considered methanation processes.
[image: Table 5]The annualised capital cost is calculated according to Eq. 12.
The specific investment cost for the biological methanation without the hydrogen path amount to 2975 €/kW in the 1 MWel-case (B1) and 1538 €/kW in the 6 MWel-case (B6), related to the energy output of the produced biomethane. Schlautmann et al. (Mörs et al., 2020; Schlautmann et al., 2021) estimate the specfic investment cost for the pilot plant in Solothurn, which corresponds to a biomethane output of 0.325 MW, to 4320 €/kW. They furthermore provide estimates for specific investment cost for plants scaled to 1 MWbiomethane and 5 MWbiomethane, which amount to 2172 €/kW and 940 €/kW. In Supplementary Figure S2, the estimates of the Store&Go project are compared to the results provided in this study. Although the estimates provided in the current study fit well within the estimates reported by Schlautmann et al., they are slightly more conservative. Especially the value for the larger plant size indicates that the cost-related scaling factor provided in this study is lower than the one by Schlautmann et al. It is difficult to assess such differences in detail, as the full cost assessment and detailed methodology of the Store&Go project is not known to the authors.
3.3 Operational Expenses (OPEX)
The annual operational expenses for the processes are shown in Figures 5, 6 and summarised Supplementary Table S6.
[image: Figure 5]FIGURE 5 | Operation cost (OPEX) of the 1 MWel processes in k€ per year. The OPEX including the H2-path are shown on the left, the right side shows the cost structure without the H2-path and the corresponding O&M cost.
[image: Figure 6]FIGURE 6 | Operation cost (OPEX) of the 6 MWel processes in k€ per year. The OPEX including the H2-path are shown in on the left, the right side shows the cost structure without the H2-path and the corresponding O&M cost.
The obvious main driver for operational cost of the Power-to-Gas process is the electricity cost. In both scales, the cases PEM-Bio (B1 and B6) and PEM-BFB (C1 and C6) are comparable in terms of electricity consumption. The SOE introduced in cases C1S and C6S has a higher electrical efficiency, which can be considered as a reduction of electricity use per hydrogen produced.
The annual operation cost also includes labour and maintenance cost (O&M), which are estimated by 1.5% of the investment cost for the electrolyser and 5% of the total investment cost for the rest of the plant. This differentiation takes into account that electrolysers do not have any moving parts and require therefore less servicing. Due to the dominance of electrolyser costs, the O&M costs are also separated in two parts.
When excluding the H2-path in this analysis, the main contribution to the OPEX is the O&M cost for the rest of the plant. The actual consumables and utilities used in the process amount only to around one half of the remaining OPEX. For the biological methanation, the largest share of its OPEX are related to the nutrient cost. In the BFB processes, the largest contribution comes from the bi-annual membrane replacement, followed by the catalyst replacement, which occurs on an annual basis. According to our assumptions, the nutrient provision cost are around 4 times higher than the annual catalyst replacement cost in the 1 MW catalytic case. For the 6 MW case the amount increases tenfold. The amount of nutrients required scales with the volume of the biological system, subsequently there is a disproportionate increase compared to the energy scale.
The stirring power required for the bioreactor amounts to 0.9–1.1% of the electrolyser power, as shown in Table 2. This corresponds to less than 1% of the total OPEX, but remains in a similar range as the cost caused by other supporting units, such as the main compressor and sorbent replacement costs.
Nevertheless, when including the H2-path in the calculation of the pure CO2 cases, the costs for utilities and consumables are marginal. The cost for the H2-path, including the corresponding O&M expenses make up 76–92% of the total.
The charges for membrane replacement have a direct influence on the OPEX, however it represents only a minor part of the total OPEX. Therefore, the sensitivity towards the replacement interval is only low. An annual replacement would double the share of membrane replacement cost compared to the base-case represented in Figures 5, 6.
The total OPEX for catalytic methanation operated with biogas are almost twice as high as in the corresponding base cases. The additional cost originates from the price paid for the raw biogas, which can be considered as an opportunity cost for biogas upgrading through an alternative method. Apart from the increase of the total OPEX, the influence on the OPEX related to the methanation equipment is also visible: Due to higher gas throughput, the electricity consumption of the compressor increases, as well as the amount of sorbent required each year. Additionally, the membrane replacement cost approximately doubles. Although roughly the same amount of CO2 and H2 has to be separated from the product gas stream a larger amount of membrane modules is required. The increased number of modules compensates for the higher total gas flow rate, as the permeation rate of CO2 and H2 remains constant.
3.4 Revenues and Production Cost
The energy content of the biogas injected to the grid is determined according to Eq. 14 from the higher heating values of the species CH4 and H2.
[image: image]
The total revenues from biogas sales are then obtained by multiplication with the biogas selling price. The heat revenues are calculated by considering the high and mid temperature level off-heat. In order to account for heat losses in the heat extraction equipment, we assumed that only 70% of the heat produced can be sold. The specific production cost per kWh of gas injected to the grid are calculated by dividing the total annual cost of the plant (OPEX + CAPEX) by the biogas sales. The values obtained for the different processes is summarised in Supplementary Table S7.
The absolute production cost per kWh of biomethane injected to the grid are indicated in Figure 7. The values correspond to the base-case scenario represented by the input parameters in Supplementary Table S3. For this case, neither of the pure CO2 processes can be operated economically. Using biogas as feed reduces production cost by around 26–39%. This causes the two PEM-based catalytic processes to reach a profitable range (cases C1bg and C6bg) at a production cost of 10.2 and 9.5 €-ct./kWh. The process including high-temperature electrolysis is right at the profit margin at a scale of 6 MW.
[image: Figure 7]FIGURE 7 | Production cost of biomethane for each considered process under the base-case assumptions indicated in Supplementary Table S3. The projected cost for biological methanation operated with biogas is indicated with shaded bars.
As we have no full model for biological methanation available, the production cost for biological methanation (cases B1 and B2) using biogas were projected as shown in Figure 7. The analysis of the investment and operation expenses showed that for the catalytic cases, the change of the feed gas to biogas does hardly affect the cost related to the reactor but increases the expenditures for auxiliary units. We therefore assume that approximately the same cost decrease occurs for the biological system as for the catalytic technology. Even though there is a significant step towards profitability possible, the margin is not yet reached under base-case assumptions.
The 1 MW-scale SOE-BFB process has the highest production cost, mostly caused by high investment cost for the SOE stack. The cost decreases with scale, but remains the highest among the technologies. When switching to biogas methanation, the production cost decreases by 39%, which is the highest relative decrease among the technologies. This is a result of the higher electrical efficiency of the SOE stack, which reduces the relative OPEX due to lower expenses for electricity while still producing the same amount of biomethane.
For both feed gases, the 6 MW PEM-BFB case indicates the lowest production cost, which is a result of scaling effects, lower-cost electrolyser technology, as well as a small reactor size. Therefore, switching the technology from biological methanation to BFB-based technology can lead to a cost reduction of 17% (1 MW) and 19% (6 MW) in the case of pure CO2 methanation. When using biogas, this benefit even increases to 24% (1 MW) and 26% (6 MW).
A further decrease of production cost is achieved by valorizing the process heat. For the PEM-BFB cases a cost reduction of around 5%, and for the SOE-BFB cases a reduction of around 2% is possible. The latter cases do have a limited heat output due to the heat requirement of the SOE. Furthermore, when biogas is used only very limited heat sales are possible, as part of it is redirected to feed water evaporation. The valorization of the oxygen produced in the electrolysis would be another opportunity to decrease cost. However, this is challenging to realize at most sites and is therefore not considered in this work.
3.5 Sensitivity on Electricity Price and SOE Investment Cost
The electricity cost states the largest influence on the operation cost of the processes. The base-case used above is based on an electricity price of 5 €-cts./kWh. This value is comparable to the production cost of wind and large-scale photovoltaic electricity (Bauer et al., 2017). Figure 8 indicates the production cost for each process as a function of the electricity price. The profit margin corresponds to the selling price of renewable gas indicated at 0.11 €/kWhbiomethane. As shown in Figure 7 for the pure CO2 cases, the 6 MW PEM-BFB case shows the lowest production cost and therefore reaches profitability at the highest electricity cost of approximately 3.2 €-cts./kWhel. The corresponding 1 MW-case with the second-lowest production cost reaches profitability at 2.2 €-cts./kWhel, whereas the larger-scale biological methanation process requires an electricity price as low as 1.2 €-cts./kWhel to reach the profit margin. The 1 MW-scale biological process only reaches a profitable range when electricity is provided at 0.3 €-cts./kWhel. The performance of the SOE-based processes is inferior, as no profitability is reached, even if no electricity cost is considered. Nevertheless, it is notable, that the SOE-based processes are less sensitive towards electricity cost, i.e. the production cost do not rise as fast with the electricity price as in the PEM-based cases. This is a direct consequence of the higher efficiency of the SOE stack and the heat integration with the BFB reactor.
[image: Figure 8]FIGURE 8 | Production cost in cents per kWh of biomethane as a function of the electricity price for each considered process. The profit margin is indicated as line at 11 €-ct/kWhbiomethane, which indicates the selling price for renewable gas.
Biogas as feedstock increases the total amount of methane produced per kWh of electricity. Generally, the processes are therefore less sensitive towards the electricity price than in the case of pure CO2 methanation. This can be seen in Figure 8 by a decreased slope of the corresponding lines. The 6 MW-scale PEM-BFB process reaches profitability at 7.4 €-cts./kWhel and at 6.2 €-cts./kWhel in the 1 MW case. Lower, but still above the pure CO2 processes, the methanation with high temperature electrolysis reaches the margin: At 5.4 €-cts./kWhel for the 6 MW case and 3.5 €-cts./kWhel for the 1 MW scale, respectively.
In order to make the SOE-based processes profitable, the investment cost and subsequent CAPEX for the SOE stack have to decrease considerably. Schmidt et al. (Schmidt et al., 2017) estimate the cost for the SOE technology to be in a range of 3000–1900 €/kWel in the year 2030, depending on R&D funding and production scale. This is still around three times as high as their estimate for PEM electrolysers. Figure 9 shows the influence of the investment cost of the SOE stack on the production cost of biomethane. Electricity prices of 5 €-cts./kWhel or 2.5 €-cts./kWhel are taken into account.
[image: Figure 9]FIGURE 9 | Production cost in €-ct/kWhbiomethane of the SOE-based processes as a function of investment cost for the SOE stack. Two different electricity prices are considered: 5 €-ct/kWhel and 2.5 €-ct/kWhel.
Depending on the feed gas, two further cost ranges can be identified: The case for pure CO2 methanation and the case for direct methanation of biogas. As in the latter a larger amount of methane is fed to the grid based on the same nominal power of the electrolyser, biogas methanation has a higher profitability range and allows for higher investment cost for the electrolyser. For the same reason, the production cost for direct methanation is less sensitive towards the electrolyser investment cost and the corresponding lines appear with a reduced slope in Figure 9.
As shown in Figure 7, the two SOE-based processes for CO2 methanation exhibit production costs of 19.4 €-cts./kWhel for the 1 MW-scale and 17.4 €-cts./kWhel for the 6 MW-scale respectively. To reach a profitable range, the production cost has to be reduced to below 11 €-cts./kWhel. As shown in Figure 9, for the higher electricity price this will be at investment costs lower than 500 €/kWel for the 1 MW case and lower than 960 €/kWel for the 6 MW-scale. This is a very ambitious cost decrease, nevertheless, under favourable circumstances, a capital cost lower than 1000 €/kWel in future is considered possible (Schmidt et al., 2017; Adam Christensen, 2020). Literature indicates that capital cost for SOEs may adjust to a similar range as PEM or AEC technology (Schmidt et al., 2017; Buttler and Spliethoff, 2018). A halving of the electricity cost to 2.5 €-cts./kWhel results in an increase of the allowed investment cost in the 1 and 6 MW case of approximately 2.6-fold to 1260 €/kW and 1.9-fold to 1840 €/kW, respectively.
Due to the reduced production expenses for direct methanation, the maximum allowed electrolyser investment increases to 2260 €/kWel (1 MWel) and 2930 €/kWhel (6 MWel) for the two scales based on an electricity price of 5 €-cts./kWhel. Using the lower electricity cost, this numbers increase to 3150 €/kWel and 3820 €/kWel. This indicates, that even with moderate improvements in the investment cost of the SOE, profitability of the process can be achieved.
Again, the profitability range can be further extended by also including heat utilisation and oxygen sales. For the heat utilisation, a production cost decrease of around 2% is possible in the pure CO2 case.
4 CONCLUSION
A techno-economic analysis of three CO2 methanation process chains in two different scales (1 MWel and 6 MWel) was performed. The focus was set on the comparison of biological CO2 methanation in a stirred bubble column with catalytic bubbling fluidised bed methanation. Furthermore, the benefits of including high-temperature electrolysis compared to industrially mature PEM electrolysis was investigated. For all investigated cases, fulfilling the grid injection requirements (mainly a H2-content of <2%) was required. For the investigated catalytic processes, we also included the case of direct methanation of biogas, which showed a clear cost benefit over CO2 methanation.
In general, the investment and operation cost of the process chains are highly dominated by the hydrogen path. On one hand, there is the high specific investment cost for the electrolyser unit, which is more than twice as high in the case of high-temperature electrolysis. On the other hand, electricity cost directly influences the operation cost of the process. Nevertheless, these costs are specific to the electrolyser technology applied and are independent from the methanation technology. Therefore, for cost comparison in between the technologies, a focussed view on the respective cost without the H2-path may be advisable.
The investment cost for biological methanation is highly dominated by the large reactor vessel required. The investment cost benefit for the BFB technology mainly originates from the significantly smaller reactor vessel required for catalytic methanation. The investment cost of biological methanation can only be reduced when smaller reactor volumes are applicable. The required reactor volume on the other hand is directly linked to the gas-to-liquid mass transfer. As long as this coefficient cannot be increased, the methane formation per volume is limited. A possibility of decreasing the vessel cost would be the reduction of the operation pressure. Nevertheless, this results in a reduced mass transfer rate and therefore again to a larger required reactor volume.
The nutrient provision for biological methanation states the largest influence on the OPEX of that process option. This cost causes the OPEX to exceed the annual cost of the PEM-BFB process. Concepts exist where nutrients are provided by feeding digester efflux to the reactor, which may cause a cost decrease. Still, even when no cost is associated with nutrient provision the production cost for the biological system remains inferior to the catalytic system.
The integration of high-temperature electrolysis leads to a higher electrical efficiency of the Power-to-Gas process chain. Nevertheless, the reduction in electricity cost does not compensate for added capital expensed due to the high stack investment cost and additional heat transfer equipment needed. Currently, SOE cells are still under investigation, which results in high investment cost in near future. Based on an electricity price of 5 ct./kWhel and a biomethane selling price of 0.11 €/kWh, the investment cost for SOE technology have to decrease to 950 €/kWel for 6 MW plant size to reach profitability. However, such a cost decrease is not unfeasible if the technology is further developed.
Direct methanation of biogas reduced the production cost in all investigated cases by 26–39%, which resulted in biomethane production cost of less than 11 ct/kWh for the 1 MWel and 6 MWel PEM-BFB cases, as well as the 6 MWel SOE-BFB case. Even though direct methanation showed also great cost reduction potential in biological methanation, profitability could not be reached in the 1 MWel case. In the 6 MWel-scale, our calculations indicate a production cost slightly below the profitability limit, in the same range as the 6 MWel SOE-BFB case.
Methanation of CO2 and biogas are technologies on a high TRL (catalytic 6-7, biological 7-8) and allow for fast integration of biogenic gases into the future energy landscape. This study shows that the underlying technologies can play a cost-efficient role in the seasonal storage of renewable electricity.
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